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Abstract 

Investigation of Risk Management Strategies 

for Safe Operation of Offshore Platform: 

Interconnection Approaches for Advanced 

Hydrate Inhibition 
 

Hyunho Kim 

Department of Naval Architecture and Ocean Engineering  

The Graduate School 

Seoul National University 
 

This study presents a risk management strategy for safe operation of offshore 

platform linked with hydrate inhibition and monoethylene glycol (MEG) 

regeneration process. While producing gas and oil in a wide range of deep seas 

around the world, it is required to transport hydrocarbons from subsea to the 

platform without any problem during production. The representative issue of 

flow assurance is the formation of gas hydrate, which is prevented with a large 

amount of thermodynamic inhibitor. This study investigated to reduce the 

amount of MEG through the synergistic inhibition effect with salts in the 

produced water. The quantitative analysis of the amount of hydrate formation 

and relative viscosity of hydrate slurry in autoclave was carried out using a 

simple theoretical model utilized in the pipeline. 

The rich MEG into the platform is recovered to lean MEG through the MEG 

regeneration process, and lean MEG is injected again to the subsea pipeline. In 

this study, the thermodynamic properties of the MEG solution containing NaCl 

were developed by adjusting the binary parameter, and a process model for 

simulating the slipstream MEG regeneration process was developed. The 
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results obtained from the developed thermodynamic model were verified with 

the operation results of the pilot plant operating at Kongju National University 

in South Korea within 0.6% in MEG, water, and NaCl system.  

The interconnection approach between the subsea and topside system is 

developed. This study proposes the optimum MEG injection and regeneration 

strategies considering the closed circuit of MEG in the offshore platform and 

applies to the actual offshore production system of gas field. The conventional 

MEG regeneration process increased the NaCl concentration in aqueous MEG 

solution during continuous operation through the interconnection method. It 

resulted in the deposited NaCl in the MEG injection pipeline or regeneration 

processes. A novel concept using a two-stage distillation process was proposed 

for MEG regeneration. The proposed concept can recover high concentrations 

of MEG in high content of NaCl without precipitation. The new strategy 

combined with under-inhibition of hydrate management and the proposed MEG 

regeneration concept is more economical than the conventional strategy. 

 

Keyword: Gas hydrates, Flow Assurance, Monoethylene glycol, Process 

design, Interconnection method  
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Chapter 1. Introduction 

1.1. Research Background 

Natural gas hydrates are crystalline compounds that form when light 

hydrocarbon gases, such as methane, ethane, and propane, are incorporated into 

hydrogen-bonded water cages under high pressure and low temperatures [1]. 

The hydrate crystal structure is classified into three types (structure I, structure, 

II, structure H) according to the type of the guest molecules and the production 

conditions [2]. Only structures I and II are commonly found in oil and gas 

production and processing.  

Natural gas has been rocketed as a clean fuel because it emits less carbon 

dioxide than coal and oil for the same amount of energy production. The 

demand for natural gas has been continuously increasing for the past decades, 

and natural gas has been produced offshore as well as onshore. Transport of 

hydrocarbons from reservoirs to processing facilities is the challenge of 

offshore production, which is called flow assurance. The problem is preventing 

pipeline blockage due to hydrates, waxes, asphaltenes, and scale [3].  

Subsea flowlines transporting hydrocarbon fluids in multiphase are operated 

with an inherent risk of hydrate plug formation, where such pressure and 

temperature conditions can be readily achieved [1, 4, 5]. Industrial practice to 

prevent hydrate-related risks has been the injection of chemical inhibitors in the 

subsea flowline. Hydrate inhibitors are classified into three types: (1) 

thermodynamic hydrate inhibitor (THI) uses to prevent hydrate formation, (2) 
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kinetic hydrate inhibitor (KHI), which is LDHI (low dosage hydrate inhibitor), 

uses to delay hydrate nucleation and growth, and (3) anti-agglomerate (AA), 

which is LDHI (low dosage hydrate inhibitor), uses to keep the particles small 

and well dispersed for the hydrate to be transported along with produced fluids. 

 Injecting thermodynamic hydrate inhibitors, including mono-ethylene 

glycol and methanol is widely used to prevent hydrate formation [6, 7]. Mono-

ethylene glycol (MEG) is a preferred option for offshore gas fields due to 

avoiding health and safety issues for operating platforms. Methanol has a low 

boiling point and high vapor pressure leading to high loss to gas phase and 

difficult to recover. [8, 9]. Methanol is classified as a hazardous chemical due 

to its toxicity, high vapor pressure, low flash point and high flammability [9, 

10]. Moreover, the evaporated Methanol into the gas phase could cause trouble 

in downstream gas processing units.  

Handling a large amount of MEG in the offshore and remote areas where the 

platforms are located would increase the operating cost significantly. It was 

estimated that the cost of injecting thermodynamic inhibitor into subsea 

flowlines could reach 50% of the total operating costs for offshore fields 

producing about 50,000 bbl/day water [11]. There have been attempts to 

investigate the formation of gas hydrates when the concentration of MEG was 

lower than the value required to prevent hydrate formation, known as under-

inhibition. In principle, under-inhibition offers the prospect of supporting a self-

limiting fraction of hydrates in the flowline without the formation of a hydrate 

plug [12, 13]. The aggregation and deposition of hydrate particles increase the 

resistance of flow in the flowline and could lead to a hydrate plug formation. 
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Several works observed the gas hydrate formation and torque change with the 

addition of MEG. They suggested that the risk of hydrate plug formation could 

be managed using the under-inhibition strategy [4, 14]. However, the 

concentration of MEG reduces below 20 wt%, hydrates fraction in aqueous 

phase increased up to 28 vol% and their deposition may happen in case of low 

flow rate [15, 16].  

The cost of MEG is expensive and a MEG regeneration process is more 

economically favorable for onboard recovery in remote offshore platforms, 

especially for offshore gas fields. The incorporation of MEG regeneration into 

the process stream on offshore platforms has become more difficult as the size 

of the gas fields increases, and the process units on the platform become more 

complex. The energy efficiency, size, and weight of the processing units 

onboard the platform are essential criteria for the field economics in the design 

of the production process as well as the offshore platform due to the recent 

economic situation. Accordingly, there have been extensive efforts to advance 

the MEG regeneration process by improving its stability, reducing energy 

consumption, and its footprint.  

When the produced water contains various quantities of electrolytes, 

thermodynamic studies so far indicate they reduce the tendency for hydrate 

formation by shifting the hydrate equilibrium conditions to lower temperature 

and higher pressure region [17, 18]. For deepwater gas field development, the 

inhibition effect by the produced water is not enough to completely prevent 

hydrate formation and MEG needs to be injected, resulting in aqueous solutions 

of MEG and electrolytes. The general method to recover MEG from aqueous 
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phase containing 30 ~ 60 wt% MEG separates salts and distillates the water to 

increase the concentration of MEG up to 80 ~ 90 wt%. The aqueous phase 

produced from the offshore reservoir contains various salts, including NaCl, 

KCl, CaCO3, MgSO4, etc. The concentration of salt ions in produced water may 

vary from a few parts per million (ppm) to about 300 g/L [19-22]; thus salinity 

of produced water shows significant differences depending on the geological 

format of the offshore fields [23]. If the aqueous phase from the offshore field 

contains produced water with high salinity, the precipitation of the salt among 

production system induces another flow assurance problem, commonly called 

‘salting out’[24, 25]. Thus, one of the essential roles of the recovery process is 

to separate salts from the MEG solution without undesired salts precipitation 

issues. 

The conventional MEG regeneration process removes the electrolytes either 

downstream or upstream of the distillation column, depending on the salinity 

of the produced water [9, 26]. There are typically divided into a full-stream and 

a slip-stream. Full-stream removes both monovalent and divalent salt ions 

before the distillation process. In slip-stream concept, divalent salt ions are 

removed in the pretreatment stage. The distillation process then evaporates 

water. Finally, remaining monovalent salt ions are removed via flash separation 

in the reclamation stage. By controlling the stream flow rate into the 

reclamation stage, the removal amount of monovalent salt ions can be 

determined. The slip-stream has the advantage of efficiently removing only a 

portion of monovalent salt ions. But it is prone to precipitate salt in the 

distillation column in high salinity condition [27]. It is helpful to know the 
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properties of MEG and electrolyte aqueous solution to prevent precipitation.  

An accurate thermodynamic model for aqueous MEG solutions containing 

electrolytes is highly desirable to better predict the fluid properties in the 

MEG/water/electrolytes system. The electrolyte NRTL-RK (ENRTL-RK) 

property is generally used to simulate the salt extractive distillation and vapor-

liquid equilibrium of electrolytes and polar solvents [28-30]. The advantages of 

electrolyte NRTL model are it requires only two binary interaction parameters 

for molecular and electrolytes and covers temperatures up to 200oC using three 

temperature coefficients. Binary interaction parameters between water and 

MEG, water and the electrolyte, and MEG and the electrolyte are needed to 

design the system in aqueous MEG solutions containing electrolytes. To 

increase the accuracy of the thermodynamic model, Zaboon et al. [31] adjusted 

the binary parameters between water and MEG and Bhattacharia and Chen [32] 

investigated the binary parameters between water and Na+Cl- and K+Cl-, 

respectively.  

Industries use the difference method and simulation program when analyzing 

the flow stability in the pipeline and hydrocarbon treatment process in a 

chemical plant. The program to simulate the behavior of the fluid in the subsea 

flowlines is OLGA, which is a representative simulator for engineering to 

analyze the multiphase flow of oil, water, and gas in wells and flowlines [33]. 

However, the treatment and refinery processes are demonstrated using 

thermodynamic based calculation programs such as HYSYS and ASPEN PLUS 

[34-37]. The hydrocarbons produce from the subsea production system and are 

treated in the process facilities. The real fields produce gas and oil through 
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subsea production and topside process in a link and sequence. However, it has 

been challenging to analyze with an interconnection approach between two 

different calculation methods. 

Figure 1-1 shows the closed MEG loop in the offshore gas field. The Lean 

MEG is injected into the production wells, and the hydrocarbon fluid with 

MEG/water/salts reaches the platform via the production pipeline. After 

reaching the platform, the production fluid has undergone a simple flash 

separation using a slug catcher to divide gas, oil and aqueous phase. The 

aqueous phase, which has a low concentration of MEG and is called the rich 

MEG, contains water, MEG, and salt. The rich MEG is recovered to a high 

concentration of MEG solution, which is lean MEG, through the MEG 

regeneration process. The recovered lean MEG goes to the storage tank and is 

injected into the subsea pipeline again. The injection and regeneration of MEG 

occur continuously and the hydrate management technology should be 

analyzed in liked with topside regeneration and injection system. Therefore, a 

holistic approach is needed to analyze from the performance of hydrate risk 

management to the design and economic analysis of the whole MEG circulation 

loop. 

 

Figure 1-1. Closed MEG loop in offshore gas fields [38] 
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1.2. Scope of the current study 

This dissertation contains the investigation of the hydrate formation kinetics 

in under-inhibited MEG with NaCl solution and suggests the effective hydrate 

risk management with the holistic approach of MEG injection and regeneration. 

Besides, a novel process to recover MEG is proposed, and a case study of the 

actual field proves that the proposed concept is more reasonable than the 

conventional concept through scale management and economic assessment. 

Chapter 1 introduces the research background and literature related to this 

dissertation. It covers the scope of this dissertation. In chapter 2, the synergistic 

inhibition effect of MEG and NaCl is investigated with under-inhibited MEG 

conditions. The hydrate formation characteristics of the MEG and NaCl 

solutions are studied by observing the growth rate, hydrate fraction, and torque 

changes. The obtained results are employed to develop the hydrate management 

strategy for the subsea flowlines that transport natural gas with electrolytes 

containing produced water. Also, this work analyzes the link between measured 

relative torque and the relative viscosity calculated through a simple theoretical 

model. The Camargo and Palermo model is utilized for applying the relative 

rheology of hydrate slurry with relative torque. 

In chapter 3, the MEG regeneration unit package is designed by following 

the three steps. At first, the physical properties of ENRTL-RK are developed 

by adjusting the binary parameters between MEG and NaCl based on physical 

and thermodynamic equilibrium data. Next, the experiments of continuous 

MEG regeneration process on a pilot-scale are carried out. The lean MEG purity 
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and separation efficiency are analyzed under static and tilted column conditions. 

Finally, the modified thermodynamic model is verified with the pilot-scale 

results.  

In chapter 4, the interconnection approach for simulating the flow stability 

in subsea and hydrocarbon treatment in topside consequence is constructed. 

The effective hydrate management using under-inhibited MEG is suggested in 

terms of a holistic approach of closed MEG loop with a data linking system. 

Besides, we propose a novel concept for recovering MEG with the under-

inhibition of MEG. Through the case study of the real field, it is proved that the 

proposed strategy combined with under-inhibition of hydrate management and 

proposed MEG regeneration concept prevents the deposition of salt and 

increases economics compared with conventional strategy. 
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Chapter 2. Hydrate risk management in 

under-inhibited Monoethylene glycol (MEG) 

with electrolytes 

2.1. Research Background 

A large amount of inhibitor injection is required for inhibiting hydrate 

formation completely with MEG, which increases the offshore operating costs. 

Various strategies are proposed to reduce MEG concentration because MEG is 

expensive [12, 39, 40]. Attempts have been made to control the gas hydrate 

effectively using a lower concentration of hydrate inhibitor than the required 

concentration to utterly prevent hydrate formation, known as under-inhibition 

[12, 41].  

Kim et al. [42] suggested the under-inhibition method of natural gas hydrates 

with MEG and PVCap combined system. A system was combining 0.2 wt% 

PVCap and 20 wt% MEG retarded hydrate nucleation to 111 min, while the 

onset time for pure water was 19.8 min. Even though the research on using KHI 

has progressed over recent years, many uncertainties remain, and the 

correlations between the small-scale laboratory experiments and industrial 

applications may be hard to generalize. Therefore, general industrial practices 

still rely on the large-quantity injection of MeOH or MEG (up to 60 wt%) to 

avoid hydrate formation in pipelines [7, 43].  

Even though the MEG is required to be injected in the pipeline at deep water, 
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salts in produced water could be also used as a hydrate inhibitor. Salt is already 

known as a thermodynamic inhibitor and the addition of NaCl decreased the 

cohesion force between hydrate particles [44]. The results indicate that NaCl 

could be useful for preventing agglomeration, even if it is not a complete 

thermodynamic inhibition. In this chapter, we investigate the hydrate formation 

characteristics, considering the NaCl in produced water with under-inhibited 

MEG injections. 

The ability to quantify the risk of operating within the hydrate formation 

region may be an essential issue to establish an effective hydrate-risk 

management strategy. Since the viscosity of hydrate slurry increases with the 

aggregation of hydrate particles in the liquid phase, investigation of the 

aggregation and deposition of hydrate particles is an important issue to prevent 

hydrate plug formation in subsea pipelines [45, 46]. Although measurement of 

torque or motor current in the autoclave was used as a general indicator of 

hydrate agglomeration and deposition in laboratory-scale systems [16, 39, 47, 

48], the applicability is still controversial about the quantitative and 

comparative analysis of the viscosity of hydrate slurry in pipelines. Therefore, 

the second purpose of this chapter is to investigate the torque change during 

hydrate formation in the autoclave and analyze the link between measured 

relative torque and the relative viscosity calculated through a simple theoretical 

model. The transportability of hydrate slurry in under-inhibited MEG with 

NaCl is examined based on the quantified torque data. 
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2.2. Experiments 

A synthetic gas, which was composed of 90.0 mol% CH4, 6.0 mol% C2H6, 

3.0 mol% C3H8, and 1.0 mol% n-C4H10, was supplied by Special Gas (Korea). 

Monoethylene glycol (99.5% purity) was purchased from JUNSEI. And we 

assumed that the produced water was represented by NaCl because 90% or 

more portion of produced water is composed of NaCl. The sodium chloride 

(NaCl) (99.5% purity) used in this study was also provided JUNSEI. Deionized 

water (99.0% purity) was used without further purification. 

A high-pressure autoclave was made to investigate information related to the 

hydrate onset time and the volumetric amount of hydrate formation while 

monitoring pressure, the temperature of autoclave and torque changes of 

mechanical stirrer. The experimental apparatus is as shown in Figure 2-1. The 

autoclave was made of 316 SUS and had an anchor-type impeller to mix the 

system. The impeller was located on the base of the shaft and the torque of the 

rotating shaft was measured by torque sensor (TRD-10KC) having a platinum-

coated connector with an uncertainty of 0.3%. Transducers measured the 

pressure with an uncertainty of 0.1 bar. The cell was immersed in refrigerator 

to control and maintain the temperature of the cell. The platinum resistance 

thermometers measured the temperature of liquid and gas phase with an 

uncertainty of 0.15℃. The torque, pressure, and temperature data were 

recorded through a data acquisition system in real-time every 10 sec. 
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Figure 2-1. Schematic diagram of the experimental apparatus 

 

  The constant cooling method was used to investigate the hydrate inhibition 

performance kinetically [39, 49]. Hydrate onset conditions and torque were 

investigated with adding the MEG and NaCl and compared to the data of pure 

water. The cell was filled with 200ml of aqueous solutions with inhibitors and 

310ml of synthetic natural gas. The cell was pressurized to 120 barg at 24℃ 

and mixed with 600 rpm to saturate the liquid phase with gas till reaching a 

steady-state condition. The cell was cooled to 4℃ at 0.25 K per minute by bath 

circulator and maintained with 4℃ for 10 hours to consider outside temperature 

and resident time in the subsea pipeline. The performance of hydrate inhibitor 

on preventing agglomeration of hydrate particles was evaluated using torque 

changes because torque changes were an indicator of agglomeration. In this 

work, a total of five experiments were carried out in the presence of each 

inhibitor; MEG and NaCl. Figure 2-2 shows a typical result of temperature and 

pressure changes with time when forming hydrate at pure water. Hydrate 

nucleation and growth were recognized from a rapid pressure decrease and a 

small increase of temperature due to exothermic heat of phase transition. 
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Figure 2-2. Experimental pressure and temperature during hydrate 

formation at 600 rpm and pure water. The estimated equilibrium 

pressure was calculated at experimental temperature. 

 

The moles of consumed gas during hydrate formation were calculated from 

followed equation, which is based on the difference of experimentally 

measured pressure and estimated equilibrium pressure at certain temperature. 

The methods to get the moles of consumed gas and the hydrate fraction values 

have been suggested in the literature as a method for studying hydrate formation 

in small scale apparatus [49]. 

∆𝑛𝐻,𝑡 = (
𝑃𝑐𝑎𝑙𝑉𝑐𝑒𝑙𝑙

𝑧𝑅𝑇
)𝑡 − (

𝑃𝑒𝑥𝑝𝑉𝑐𝑒𝑙𝑙

𝑧𝑅𝑇
)

𝑡
= (

∆𝑃 𝑉𝑐𝑒𝑙𝑙

𝑧𝑅𝑇
)

𝑡
  (2-1) 
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2.3. Modeling of gas hydrate 

This section investigates hydrate formation kinetics and the relative viscosity 

calculated through a simple theoretical model to quantify the experimental data 

in lab-scale autoclave. 

 

2.3.1. Kinetic modeling of gas hydrate 

A simple model of hydrate formation was implemented to investigate the 

quantitative estimates of the hydrate formation rate depending on solutions. 

Turner et al. [45] developed the hydrate kinetic model based on Arrhenius-type 

rate equation [50] with subcooling as a driving force as shown in Equation (2-2) 

and (2-3).  

𝑑𝑛𝑔

𝑑𝑡
= (

1

𝑀𝑔
) ∗ 𝑢 ∗ 𝑘1 ∗ 𝑒𝑥𝑝 (−

𝑘2

𝑇
) ∗ 𝐴𝑠 ∗ ∆𝑇𝑠𝑢𝑏  (2-2) 

𝑑𝑚ℎ𝑦𝑑

𝑑𝑡
= nh ∙

𝑑𝑛𝑔

𝑑𝑡
  (2-3) 

, Where k1 and k2 are intrinsic kinetic constants, T is the system temperature, 

As is the gas/liquid interfacial area, Mg is the molecular weight of the hydrate 

forming component. The constant u was previously fitted as 0.5 at the gas-

dominant flow loop pipeline [51] to explain the mass and heat transfer 

limitation. Turner et al. [45] obtained k1 and k2 by regressed of the data [50] 

using high-pressure autoclave at a 75% CH4+25% C2H6 gas, which the k1 is 

2.608 × 1016 (𝑘𝑔 𝑚−2 𝐾−1 𝑠−1)  and k2 is 13600 (K). nh
 is the hydration 

number, which is 6.5 in hydrate structure II [52]. 

  The subcooling (∆𝑇𝑠𝑢𝑏) was defined as the temperature difference between 
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the hydrate equilibrium temperature and the hydrate onset temperature, which 

suggested the thermal driving force to induce hydrate formation. The 

equilibrium temperature can be obtained using CPA hydrate model on 

commercial software Multiflash v6.2 depending on the gas composition, 

inhibitor concentration and the system pressure.  

  The surface area between gas and liquid (As) in Equation (2-2) was 

estimated by summation of the flat bulk interface (Afree surface) and the area of 

entrained gas bubbles (Equation (2-4)). To examine the area of entrained gas 

bubbles, the diameter was calculated by empirical equation of Hesketh et al. 

[53]. The bubble size was calculated by weber number, gas density, viscosity, 

and interfacial tension in Equation (2-5).  

𝐴𝑠 = 𝐴𝑓𝑟𝑒𝑒 𝑠𝑢𝑟𝑓𝑎𝑐𝑒 + 𝑁 ∗ 𝐴𝑏𝑢𝑏𝑏𝑙𝑒  (2-4) 

𝑑𝑏𝑢𝑏𝑏𝑙𝑒 = 1.38(𝑊𝑒𝑐𝑟𝑖𝑡)0.6 (
𝜎0.6

𝜌𝑐
0.3𝜌𝑑

0.2𝜇𝑐
0.1) (

𝐷0.5

𝑣𝑐
1.1)  (2-5) 

, where 𝐴𝑏𝑢𝑏𝑏𝑙𝑒 is the area of each gas bubble and N is the total number of 

bubbles. dbubble is the bubble diameter, 𝜎 is the water-gas surface tension, 𝜌𝑐 

and 𝜌𝑑  was density of continuous phases and dispersed phases, 𝜇𝑐  is the 

viscosity of the continuous phase, D is the inner diameter of autoclave or 

pipeline, and 𝑣𝑐  is the superficial velocity of the continuous phase. We 

assumed the critical weber number, 𝑊𝑒𝑐𝑟𝑖𝑡 , was assumed as 1.1 from the 

previous literature [16, 53]. The total number of bubbles was calculated by 

Gregory et al. [54]. The equation was derived that gas bubbles are entrained in 

the first 5% of liquid phase from the gas-liquid interface in slug flow. We 

calculated the bubble size and number by discretizing the radius into four equal 
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sizes for the asymmetric center.  

The amount of hydrate formation was evaluated after hydrate onset as shown 

in Figure 2-3. The hydrate theoretically starts to form when the subcooling 

temperature is over 0 K. However, the hydrate begins to form after the 

subcooling over 1 or 2 K in the general gas/condensate pipeline. The hydrate 

onset was probabilistic in the autoclave, and it was hard to predict the onset 

condition exactly [55, 56]. Therefore, we reckoned the start of hydrate 

formation using experiment data with the temperature spike or rapid pressure 

drop. After starting hydrate formation, total volume of hydrate formation was 

calculated using Equation (2-2) and (2-8). At each time step, the surface area 

was examined at system temperature and predicted pressure using Equation 

(2-4) and (2-5). During hydrate formation, MEG and NaCl concentration was 

updated according to water consumption to hydrate using Equation (2-7) and 

(2-8). The computation loop continues during experimental run-time for each 

time step (10 sec). The calculation loop was implemented using MATLAB. 

𝑃𝑐𝑎𝑙,𝑖+1 = 𝑃𝑐𝑎𝑙,𝑖 −
𝑍𝑅𝑇

𝑉𝐺

𝑑𝑛ℎ𝑦𝑑𝑟𝑎𝑡𝑒

𝑑𝑡
  (2-6) 

𝑥𝑀𝐸𝐺,𝑖+1 =
𝑥𝑀𝐸𝐺,1𝑉𝐿

𝑥𝑀𝐸𝐺,1𝑉𝐿+(𝑚𝑤,𝑖−
𝑑𝑛ℎ𝑦𝑑𝑟𝑎𝑡𝑒

𝑑𝑡
𝑛ℎ)

  (2-7) 

𝑥𝑁𝑎𝐶𝑙,𝑖+1 =
𝑥𝑁𝑎𝐶𝑙,1𝑛𝑤,1

𝑥𝑁𝑎𝐶𝑙,1𝑛𝑤,1+(𝑛𝑤,𝑖−
𝑑𝑛ℎ𝑦𝑑𝑟𝑎𝑡𝑒

𝑑𝑡
𝑛ℎ)

  
(2-8) 

, where Pcal is the calculated pressure due to hydrate formation, z is the 

compressibility factor calculated using Cubic Plus Association equation of state, 

T is the system temperature from experimental data, R is gas constant, and VG 

and VL is the volume of gas and liquid phase of autoclave.  𝑥𝑀𝐸𝐺 is the mole 
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fraction of MEG in liquid phase, and 𝑥𝑁𝑎𝐶𝑙 is the mole fraction of NaCl based 

on water, 𝑛𝑤 is the initial mole of water in liquid phase.  

 

 

Figure 2-3. Flow diagram of the hydrate kinetic model 
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2.3.2. The relative viscosity of hydrate slurry 

The primary purpose of this section is to investigate the torque change during 

hydrate formation in the autoclave and analyze the link between measured 

relative torque and the relative viscosity calculated through a theoretical model.    

The change in relative viscosity (𝜇𝑟) of the hydrate slurry could be derived 

from Mills’s model [57], which described the rheology of immobilized fluid, 

as shown in Equation (2-9).  

𝜇𝑟 =
1−∅𝑒𝑓𝑓

(1−
∅𝑒𝑓𝑓

∅𝑚𝑎𝑥
)

2  
(2-9) 

, where ∅𝑒𝑓𝑓 is an effective volume fraction of immobilized fluid and ∅𝑚𝑎𝑥 

is the maximum packing fraction, which is typically in the range of 0.64-0.74 

[58]. In this work, we assumed the maximum packing fraction was 0.74 [59].  

The Camargo and Palermo model [46], how the size of the hydrate 

agglomerate was determined by shear stress and cohesion force between 

hydrate particles, was used as a viscosity prediction method. The size of the 

agglomeration (dA) was calculated under steady-state force balance using 

equation (2-11), where dp is the monomer size, Fa is the cohesion force between 

hydrate particles f is fractal dimension assumed to be 2.5 from previous 

literature [60]. 𝜇𝑐  means the viscosity of the continuous phase, ∅  is the 

volume fraction of hydrate in the slurry, and 𝛾 is the shear rate. The shear rate 

in autoclave was derived from mixing rate and autoclave geometry [61]. 
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∅𝑒𝑓𝑓 = ∅ (
𝑑𝐴

𝑑𝑝
)

3−𝑓

  (2-10) 

(
𝑑𝐴

𝑑𝑝
)

4−𝑓

−
𝐹𝑎(1−

∅

∅𝑚𝑎𝑥
(

𝑑𝐴
𝑑𝑝

)
3−𝑓

)

2

𝑑𝑝
2𝜇𝑐𝛾(1−∅(

𝑑𝑎
𝑑𝑝

)
3−𝑓 = 0  (2-11) 

 
 

 

Figure 2-4. Flow diagram of relative viscosity model in the autoclave 

   

  



20 

2.4. Result and discussion 

2.4.1. Hydrate formation 

The hydrate volume fraction (Фhyd) in the liquid phase is calculated from the 

following equation. 

Фhyd =
𝑉ℎ𝑦𝑑

𝑉ℎ𝑦𝑑+(𝑉𝑤−𝑉𝑤,𝑐𝑜𝑛𝑣)+𝑉𝑀𝐸𝐺
 (2-12) 

, where, 𝑉𝑤  is the volume of water in the initial condition, 𝑉𝑀𝐸𝐺  is the volume 

of MEG in solution, 𝑉𝑤,𝑐𝑜𝑛𝑣 is the volume of the water converted to hydrate, 

and 𝑉ℎ𝑦𝑑 is the volume of hydrate calculated from the molecular weight and 

density of hydrates calculated at a given time. In this work, our synthetic natural 

gas mixture and pure water formed the hydrate structure II and hydrate structure 

II has the hydrate number, 6.5, calculated and averaged from cage occupancies 

of gas molecules in 512 and 51264 cages, as in previous studies [52, 62]. 

Joshi et al. [15, 63] mentioned Фtransition, which represents hydrate volume 

fraction of the transition from the homogeneous distribution to heterogeneous 

distribution. In generals, the hydrate grows fast after Фtransition. In gas-oil-water 

system, rapid growth of hydrate was monitored after the 10 vol% of water 

conversion to hydrate [63]. Akhfash et al. [16] represented that resistance to 

flow due to gas hydrate formation was increased after approximately 10 - 20 

vol% in the gas-water system. To consider this point, we compare the time and 

growth rate of 10 vol% of hydrate fraction to indicate when the hydrate amount 

is significant in terms of kinetic inhibition performance. Table 2-1 summarizes 

the experimental data, including (i) subcooling at hydrate nucleation, and (ii) 
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time till 10 vol% water conversion to hydrate for constant cooling experiments, 

(iii) the initial hydrate growth rate till 10 vol% hydrate fractions, (iv) hydrate 

volume fraction in the liquid phase at the end of the experiment. Figure 2-5 

shows the hydrate formation characteristics when the cooling temperature 4oC 

after the hydrate formation. 

 

Table 2-1. Subcooling temperature, 10% conversion time of hydrate, 

initial growth rate and final hydrate fraction 

System* ΔTsub (K) t10% (min) 
𝒓𝟏𝟎%

𝒆𝒙𝒑
  

(vol%/min) 

∅𝒇𝒊𝒏𝒂𝒍
𝒆𝒙𝒑

 

(vol%) 

Pure water 5.6 (0.2) 10.8 (2.1) 0.96 (0.16) 82.7 (4.8) 

MEG 20.0 wt% 7.5 (0.4) 19.2 (1.2) 0.52 (0.18) 20.7 (2.9) 

NaCl 3.5 wt%+ MEG 

20.0wt% 
6.6 (0.3) 42.0 (1.8) 0.24 (0.07) 17.8 (1.0) 

NaCl 7.0 wt%+ MEG 

20.0wt% 
6.1 (0.3) 64.2 (2.8) 0.16 (0.04) 15.2 (1.2) 

NaCl 10.0 wt%+ MEG 

20.0wt% 
No hydrate for 10 hours 

*NaCl concentration is a wet-based mass fraction of NaCl and MEG 

concentration represents the salt-free-based mass fraction of MEG. The 

standard deviation for each experiment is parenthesis. 

 

Pure water system presents a typical hydrate formation with rapid growth by 

10 vol% hydrate fractions with 0.96 vol%/min and reduced consumption 

followed by a stationary phase in the later stage. As the hydrate growth is so 

fast for pure water, it reached fast by 10 vol% of hydrate fraction, resulting t10%
 

of 10.8 min. MEG 20wt% solution foams 10 vol% hydrate fraction with 0.52 

vol%/min, which was much slower than pure water. Hydrate growth is quickly 

stabilized because of the self-inhibition effect [42]. The obtained results for 
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addition of MEG or NaCl may suggest the self-inhibition effect is considerable 

in preventing the further growth of hydrate. It is noted that NaCl (3.5wt% or 

7wt%) with MEG (20wt%) solution induced significant change of t10%. t10% is 

delayed to 42.0 min at NaCl 3.5wt% and MEG20wt% and 64.2 min at NaCl 

7wt% + MEG 20wt%. The rate at NaCl 7 wt% and MEG 20 wt% is 0.16 

vol%/min by 10 vol% hydrate conversion and 3.3 times slower than the rate at 

only MEG 20 wt%.  

 

 

Figure 2-5. Hydrate volume fraction profiles during the hydrate 

formation. The time zero indicates when the temperature passes through 

the hydrate equilibrium temperature. 
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Figure 2-6 shows the measured and calculated hydrate volume fraction as a 

function of time for each experiment. The experiment data was a particularly 

similar tendency with predicted value from the hydrate formation model for 

pure water, 20wt% MEG solution, 20wt% MEG and 3.5wt% NaCl solution, 

and 20wt%MEG and 7wt% NaCl solutions, respectively. In the case of pure 

water, the motor stopped at 45% of hydrate fraction due to rapid growth of 

hydrate, which could indicate the plug of pipeline. After stopping mixing the 

solution and hydrate, the rate of hydrate growth decreased due to the restriction 

of mass transfer, but the hydrate continuously grew. The model could predict 

that the hydrate formation rate was decreased after stopping motor. The surface 

area between gas and liquid calculated with the hydrate formation model of 

equation (2-3) and (2-4) was decreased as reducing or stopping the mixing rate. 

The final hydrate volume fraction in the liquid phase was predicted with 84.4%, 

which had a 2.1% error of experimental data. 

The addition of MEG and NaCl shift the hydrate equilibrium curve toward 

left, and it means the driving force is reduced from equation (2-2). It leads to 

reduce the predicted final hydrate amount. The final hydrate fraction was 20.1 

vol% at 20wt% MEG solution, 17.8 vol% at 20wt% MEG and 3.5wt% NaCl 

solution, 15.1 vol% at 20wt% MEG and 7wt% NaCl solution. The model 

calculated the final hydrate volume fraction to less than 3% even when 

inhibitors were added.  

We also examined the rate of formation of hydrate volume fraction up to 

10%. In the same trend as the experiment, pure water showed the fastest rate at 

0.75 vol%/min and 20wt% MEG and 7wt% NaCl solution had the lowest 
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growth rate of 0.14%/min. The predicted results were estimated to be less than 

the experimental value for the initial growth rate in all systems. The result is a 

limitation of the current model, and further study is needed to be later. 

Based on a simple assumption model, this paper presents a qualitative 

comparison with the experimental results of the high-pressure reactor and the 

hydrate formation model in the pipeline. 

 

Table 2-2. Predicted hydrate volume fraction and initial growth rate 

System ∅𝒇𝒊𝒏𝒂𝒍
𝒎𝒐𝒅𝒆𝒍 (vol%) 𝑟10%

𝑚𝑜𝑑𝑒𝑙   (vol%/min) 

Pure water 84.4 0.75 

MEG 20.0 wt% 20.1 0.24 

NaCl 3.5 wt%+ MEG 20.0wt% 17.8 0.19 

NaCl 7.0 wt%+ MEG 20.0wt% 15.1 0.14 

 

 



25 

 

Figure 2-6. Hydrate volume fraction after initial hydrate formation, 

where experimental data are compared with intrinsic hydrate formation 

model for pure water (a), 20wt% MEG (b), 20wt% MEG+3.5wt% NaCl 

solution (c), and 20wt% MEG+7wt% NaCl solution. 
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2.4.2. Flow-to-resistance of hydrate slurry 

The torque of continuously rotating shaft was observed during hydrate 

formation for pure water and 3.5% NaCl solution in the gas-dominated system 

with 600 rpm. As shown in Figure 2-7, the relative torque of the hydrate slurry 

increased monotonically during the initial period of hydrate formation for both 

pure water and 3.5% NaCl solution. Both systems started to fluctuate the torque 

when hydrate volume fraction was larger than 30% due to segregation and 

breakage of hydrate particles from the aqueous phase in the autoclave. These 

phenomena are also observed in previous literature [16, 64] and the limitation 

of the batch-scale experiment. 

The Camargo and Palermo model, how the size of the hydrate agglomerate 

was determined by shear stress and cohesion force between hydrate particles, 

was used as a viscosity prediction method [46]. To implement the relative 

viscosity of hydrate slurry from the rheology model, we have to know the 

cohesion force between gas hydrate particles in solution. Wang et al. [44] 

investigated the cohesion force of different NaCl concentrations between 

CH4/C2H6 hydrate particles under 3.2 MPa. The measured cohesion force was 

37.5 mN/m for 0wt% NaCl (pure water) and 16.3 mN/m for 3.5wt% NaCl. They 

analogized the cohesion force using the capillary liquid bridge model between 

the sphere. The calculated cohesion forces for pure water and 3.5wt% NaCl 

were 28.0 mN/m and 25.8 mN/m, respectively. The measured and calculated 

cohesion forces were quite different, but both showed the addition of NaCl 

decreased the cohesion force between hydrate particles. Figure 2-7 shows the 
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calculated relative viscosity of hydrate slurry according to hydrate volume 

fraction using the measured and calculated cohesion force derived from the 

literature [44]. 

Before segregating the hydrate particles, the measured relative torque 

showed similar values and tendencies with relative viscosity calculated by the 

rheology model depending on hydrate volume fraction. The measured relative 

torque was 9.6 and calculated relative viscosity from measured cohesion force 

was 10.3 at 20% of hydrate slurry in pure water. The addition of NaCl decreased 

the cohesion force between hydrate particles from 37.3mN/m to 16.3 mN/m, 

which resulted in decreasing relative viscosity from 25.9 of pure water to 13.3 

of 3.5wt% NaCl solution at 30% of hydrate fraction. The results suggested the 

measured torque in autoclave could reflect a quantitatively increase of viscosity 

due to natural gas hydrate slurry until the hydrate was separated. However, the 

detailed theory of agglomeration and breakage of hydrate particles on the 

viscosity of hydrate slurry should be investigated further to make it clear. 
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Figure 2-7. Relative torque and predicted relative viscosity changes 

observed during hydrate formation in the presence of inhibitor for pure 

water (a) and 3.5wt% NaCl solution (b). 
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Figure 2-8 shows hydrate fraction and relative torque change during hydrate 

formation in pure water (Figure 2-8a), MEG 20wt% aqueous solution (Figure 

2-8b), MEG 20wt% and NaCl 3.5wt% aqueous solution (Figure 2-8c), and 

MEG 20wt% and NaCl 7wt% aqueous solution (Figure 2-8d). When hydrate 

particles suspended in liquid phase agglomerate and/or deposit on the wall in 

an autoclave, the torque increased and fluctuated. The relative torque value 

could indirectly deduce the degree of agglomeration and deposition on hydrate 

formation.  

For pure water system, torque increased in the early stage of hydrate 

formation and reached the peaks with the maximum relative torque of 22.7. The 

operation of the motor stopped at 45 vol% of hydrate fraction after hydrate 

formation due to the surge in relative torque value. The presence of 20 wt% 

MEG in aqueous phase significantly affects the hydrate fraction and torque 

changes. The value of the relative torque after the 10 % of hydrate volume 

fraction, was changed to 3.9.  

For the aqueous solution in the presence of both MEG and NaCl, on the other 

hand, the torque does not increase rapidly during hydrate formation and growth. 

NaCl 3.5 wt% and MEG 20 wt% system has constant torque by 15 vol% of 

hydrate fraction. Even though the torque changes a rather large increase after 

hydrate fraction of 15 vol%, the maximum torque was decreased compare to 

MEG 20 wt%, resulting maximum torque value of 1.4. For NaCl 7 wt% and 

MEG 20 wt% system, the relative torque value remained constant for 10 hours 

even as hydrate formation continues to increase. The result suggests that the 

flow resistances decrease sharply compare to each presence that when the NaCl 



30 

and MEG presence together in aqueous solution. Moreover, it means that the 

synergistic inhibition systems with both MEG and NaCl can play a role as a 

good AA. When adding NaCl with MEG in aqueous solution, the columbic 

bonds are formed between NaCl ions and hydroxyl groups of water molecules. 

This bond is stronger than hydrogen bonds between water molecules that make 

hydrate cluster. At that time, MEG molecules also make hydrogen bonds with 

water molecules. It would impede phase stabilization to hydrate structures and 

induce slow rearrangement of water molecules to form hydrates as shown in 

slow growth rate and constant torque value.  

Zerpa et al. [65] suggested the risk criteria for a qualitative assessment of 

hydrate-plugging from the calculation of three performance measures such as 

pressure drop along the flowline, the hydrate volume fraction in the pipe and 

the hydrate slurry relative viscosity as shown in Table 2-3. From the above 

experiment results, the maximum value of relative torque, which can 

correspond to relative viscosity, is below 1.5 at under-inhibited MEG with 

NaCl system. It may mean that the risk level of hydrate-plugging is low under 

MEG and NaCl systems.  
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Table 2-3. Risk criteria for a qualitative assessment [65] 

Risk level 
Pressure drop along the 

flowline (∆Pflowline, psi) 

Hydrate volume 

fraction in pipe 

(∅hyd) 

Hydrate slurry 

relative viscosity 

(μr) 

Low ∆Pflowline< 300 ∅hyd<0.1 μr<10 

Intermediate  300<∆Pflowline<500 0.1<∅hyd<0.4 10<μr<100 

High ∆Pflowline>500  ∅hyd>0.4 μr>00 

 

 

Figure 2-8. Relative torque changes observed during hydrate formation 

in the presence of inhibitor for pure water (a), 20wt% MEG (b), 20wt% 

MEG+3.5wt% NaCl solution (c), and 20wt% MEG+7wt% NaCl solution. 
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2.5. Summary 

The concept of under-inhibition is injecting less amount of MEG than that 

for the complete prevention of hydrate formation and managing the hydrate risk 

by controlling their agglomeration tendency. The experiment results showed 

the addition of 20 wt% MEG to the water phase with 3.5wt% NaCl could 

suppress the increase of torque due to hydrate formation, suggesting MEG and 

NaCl may prevent the agglomeration and bedding of hydrate particles for all 

flow regimes. This fact suggests that the under-inhibition concept using only 

20 wt% of MEG is feasible to apply to hydrate management in the gas field 

without plugging the hydrate in the pipe.  

In this work, we quantified the hydrate formation characteristics in the lab-

scale experiment using the general equation, which is used for a gas-dominant 

pipeline. Firstly, we provided the prediction of hydrate formation during tests 

using the subcooling temperature as a driving force of hydrate formation. The 

predicted and measured the amount of hydrate formation was in good 

agreement in MEG/water/NaCl solution. Secondly, we investigated the torque 

change during hydrate formation in the autoclave and analyzed the relative 

torque change with the relative viscosity calculated through a simple theoretical 

model. The observed relative torque increased as hydrate volume fraction 

increased. The relative viscosity was affected by the cohesion force between 

hydrate in solution. The predicted relative viscosity using measured cohesion 

force from the literature showed a similar tendency with measured relative 

torque in the autoclave in pure water and 3.5wt% NaCl solution.  
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Chapter 3. Develop of Monoethylene glycol 

(MEG) regeneration unit package 

3.1. Research Background 

As mentioned in chapter 1, the cost of MEG is expensive, and a MEG 

regeneration process is more economically favorable for onboard recovery in 

remote offshore platforms, especially for offshore gas fields. The general 

method to recover MEG from aqueous phase containing 30 ~ 60 wt% MEG 

separates salts and distillates the water to increase the concentration of MEG 

up to 80 ~ 90 wt%. To design of MEG regeneration unit, we have to decide the 

operating condition of each process. The system consists of MEG, water, and 

salts such as NaCl and it is essential to know the equilibrium condition on the 

salts in the MEG/water/salts system. 

The main physical properties in the regeneration process are solubility and 

boiling point. NaCl and KCl are the major electrolytes in produced water. 

Although their solubility is relatively high in produced water [66], super-

saturation may occur depending on the pressure and temperature, which leads 

to precipitation of the electrolytes [67]. Previous studies have suggested that 

the solubilities of NaCl and KCl increased with temperature [68, 69]. However, 

Masoudi et al. [69] showed that the solubilities of NaCl and KCl decreased 

significantly with an increase in MEG concentration. Besides, many studies 

have measured the solid-liquid equilibrium of aqueous MEG solutions 

containing various types of electrolytes. Trimble [70] investigated the solubility 
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of NaCl by varying the MEG concentration between 0 and 80 wt% at 30oC. 

Masoudi [66] studied the solubilities of NaCl, KCl, and CaCl2 in the presence 

of MEG at 25oC. Chiavone-Filho and Rasmussen [68] and Chiavone-Filho et 

al. [71] investigated the solubility of KCl in water+ethanol and water +MEG 

solutions below 75oC and the vapor-liquid equilibrium of the water 

+MEG+KCl system at 70oC and 90oC. Most studies measured the solubility of 

monovalent electrolytes in aqueous MEG solutions at temperatures up to 75oC. 

The general operating temperature of the distillation column in the MEG 

regeneration process is around 140oC; thus, more solubility data for NaCl and 

KCl in aqueous MEG solutions are required to predict the precipitation of 

electrolytes at high temperature [27, 72-75]. 

An accurate thermodynamic model for aqueous MEG solutions containing 

electrolytes is highly desirable to simulate the MEG regeneration process better. 

Zeng and Li [76] tuned the binary interaction parameter between MEG and Na+, 

NH4
+, Cl- for UNIQUAC model. UNIQUAC model is difficult to use in process 

simulation tools, and the electrolyte NRTL-RK property is generally used to 

simulate the salt extractive distillation and vapor-liquid equilibrium of 

electrolytes and polar solvents [28-30]. Binary interaction parameters between 

water and MEG, water and the electrolyte have already existed for ENRTL-RK 

model [31, 32, 77], but there are no studies to investigate the binary interaction 

parameter between MEG and Na+Cl-. 

Chapter 3 suggests a more accurate thermodynamic model based on ENRTL-

RK properties by regressing the phase equilibrium data such as solubility and 
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vapor pressure. Based on thermodynamic model, we implemented the MEG 

regeneration process using a commercial process simulation tool. The pilot-

scale of MEG regeneration process was constructed and operated. The pilot-

scale experiments were carried out for investigating the recovery efficiency of 

MEG at different operating temperature of the distillation column. The 

constructed thermodynamic model verified with pilot-scale experimental 

results.  
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3.2. Physical and chemical properties of MEG and salts 

3.2.1. Lab-scale experiment 

3.2.1.1. Literature survey 

Many studies have measured the solid-liquid equilibrium of aqueous MEG 

solutions containing various types of electrolytes, as presented in Table 3-1. 

Most studies allowed the investigation of the solubilities of NaCl and KCl in 

MEG solutions of concentrations between 0 and 100 wt% at temperatures 

between 25oC and 75oC. Trimble [70] investigated the solubility of NaCl by 

varying the MEG concentration between 0 and 80 wt% at 30oC. Masoudi [66] 

studied the solubilities of NaCl, KCl, and CaCl2 in the presence of MEG at 25oC. 

Chiavone-Filho and Rasmussen [68] and Chiavone-Filho et al. [71] 

investigated the solubility of KCl in H2O+ethanol and H2O+MEG solutions 

below 75oC and the vapor-liquid equilibrium of the H2O+MEG+KCl system at 

70oC and 90oC. However, most studies measured the solubility of monovalent 

electrolytes in aqueous MEG solutions at temperatures lower than 75oC. Jeon 

[75] investigated the solubility of NaCl and KCl in aqueous MEG solutions up 

to 160oC, which is the operating temperature of the distillation column in the 

MEG regeneration process. 
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Table 3-1. Literature for the MEG+H2O+salt systems. 

Salt Reference Data type 
T 

(oC) 

P 

(bar) 

MEG 

concentration 

range 

NaCl 

Zhou et al. [78], 

Zhou et al. [79] 
solubility 15-35 1 0–100 wt% 

Masoudi et al. [66] 
solubility 0-75 1 0–40 wt% 

VLE Tsat 1.013 5–36 wt% 

Trimble [70] solubility 30 1 0–100 wt% 

Baldwin et al. [80] solubility 50 1 0–100 wt% 

Kan et al. [81] solubility 25 1 0–10 wt% 

Zeng and Li [76] solubility 5-80 1 0-100 wt% 

Djamali et al. [82] solubility 24-194 6.45 0-74.4 wt% 

Parrish [83] solubility 0-16 1 0–0.11 mol% 

Jeon [75] 
solubility 25-140 1 50-100 wt% 

VLE Tsat 1.013 50-100 wt% 

This work solubility 25-140 1 10- 100 wt% 

KCl 

Zhou et al. [78], 

Zhou et al. [79] 
solubility 0-35 1 0–100 wt% 

Parrish [83] solubility 0-16 1 0–0.11 mol% 

Trimble [70] solubility 30 1 0–100 wt% 

Armstrong and 

Eyre [84] 
solubility 25 1 0–0.018 mol% 

Chiavone-Filho 

and Rasmussen 

[68] 

solubility 25-75 1 20–100 wt% 

Masoudi et al. [66] VLE Tsat 1.013 4–55 wt% 

Adamcova [85] solubility 25-75 1 0.031–1 mol% 

Masoudi et al. [69] solubility 25-75 1 0.19, 0.63 mol% 

Jeon [75] solubility 25-140 1 65-100 wt% 
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3.2.1.2. Lab-scale experiment 

Mono-ethylene glycol (C2H6O2, 99.5% purity) was purchased from Junsei. 

Sodium chloride (NaCl, 99.5% purity) and potassium chloride (KCl, 99.5% 

purity) were also provided by Junsei. Water (H2O, 99.0% purity) was used 

without further purification. The detailed descriptions of these substances were 

summarized in Table 3-2. 

 

Table 3-2. Detailed information of materials 

Chemical 

Name 
IUPAC name CAS# 

Abbrevia

tion 

Molecular 

weight 

(g/mol) 

Source 
Supplier 

puritya 

mono-

ethylene 

glycol 

ethane-1,2-

diol 

107-

21-1 
MEG 62.07 Junsei 0.995 

sodium 

chloride 

sodium; 

chloride 

7647-

14-5 
NaCl 58.44 Junsei 0.995 

potassium 

chloride 

potassium; 

chloride 

7447-

40-7 
KCl 74.55 Junsei 0.995 

water water 
7732-

18-5 
H2O 18.01 OCI 0.990 

a mole fraction basis 

 

For the solubility measurements, the experimental method developed by 

Chiavone-Filho and Rasmussen was employed, where the electrolyte solution 

was evaporated to measure the weight of the dissolved electrolytes [68]. The 

equilibrium cell containing the electrolyte solution was made of 316 SUS and 

placed in a bath circulator that maintained the temperature within ±0.10 K of 

the desired value. A magnetic stirrer bar was used to stir the electrolyte solution. 



40 

The electrolyte was added in small quantities into the solution until a slight 

excess of electrolytes appeared [69]. The cell was closed during the experiment 

to conserve the initial composition. MEG concentration in salt-free solution 

was measured with the volumetric Karl-Fischer titrator (V10, Mettler Toledo, 

Switzerland). The temperature was varied from 25oC to 140oC, and the solution 

was stirred for 3 h at each temperature and was allowed to settle for 1 h before 

sampling [69]. Then, 10 g of the saturated solution was sampled with filtering 

through a 0.45 μm  filter. The filter must be warmed previously at the 

experimental temperature to avoid any precipitation or solution of solid [86]. 

Afterwards, the samples evaporated in a heating oven. Upon adding NaCl 

and/or KCl into the solution, the concentration was measured by weighing the 

residual amount after evaporation of a known weight of sample [69].  
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3.2.2. Thermodynamic framework 

The solubility and VLE data of the MEG+H2O+NaCl and MEG+H2O+KCl 

systems were evaluated using the thermodynamic model based on the 

Electrolyte NRTL, i.e., the ENRTL model. The ENRTL model was employed 

to determine the liquid-phase activity coefficient as it can be applied to 

electrolyte systems over a wide concentration range from pure solvents to 

saturated solutions [32, 87, 88]. The Redlich–Kwong (RK) equation of state 

was used to determine the vapor phase fugacity. We obtained the necessary 

ENRTL binary interaction parameters by regressing the solubility and vapor 

pressure data obtained in this work and from the literature.   

The ENRTL model expresses the excess Gibbs energy (G𝑒𝑥) as the sum of 

two interactions: (i) the long-range ion-ion Pitzer–Debye–Huckel (G𝑒𝑥,𝑃𝐷𝐻) 

interaction and the Born equation (G𝑒𝑥,𝐵𝑜𝑟𝑛) and (ii) the short-range ion-ion, 

ion-molecule, and molecule-molecule interactions (G𝑒𝑥,𝑙𝑐). 

G𝑒𝑥

𝑅𝑇
=

G𝑒𝑥,𝑃𝐷𝐻

𝑅𝑇
+

G𝑒𝑥,𝐵𝑜𝑟𝑛

𝑅𝑇
+

G𝑒𝑥,𝑙𝑐

𝑅𝑇
  (3-1) 

ln 𝛾𝑖
ex = ln 𝛾𝑖

𝑃𝐷𝐻 + ln 𝛾𝑖
𝐵𝑜𝑟𝑛 + ln 𝛾𝑖

𝑙𝑐  (3-2) 

, where T is the temperature of the system, R is the gas constant, γ is the 

liquid phase activity coefficient, and i is the ion species.  

The long-range ion-ion interactions are represented by the following Pitzer–

Debye–Huckel formula for electrolytes. 

ln 𝛾𝑖
𝑃𝐷𝐻 = − (

1000

𝑀
)

1

2
𝐴∅[(

2𝑍𝑖
2

𝜌
) ln (1 + 𝜌𝐼

1

2) +
𝑧𝑖

2𝐼𝑥
1/2

−2𝐼𝑥
1/2

1+𝜌𝐼𝑥
1/2 ]         (3-3) 

, where 𝐴∅ is the Debye–Huckel parameter, 𝐼𝑥 is the ionic strength in mole 
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fraction, z is the charge of the ions, and 𝜌 is the density of the mixed solvent. 

The Born equation is as shown in Equation (3-4). 

ln 𝛾𝑖
𝐵𝑜𝑟𝑛 =

𝑁𝐴𝑧𝑖
2𝑒2

8𝜋∈0𝑟𝑖𝐾𝑇
(1 −

1

∈𝑟
)  

(3-4) 

, where ∈𝑜, ∈𝑟  are the dielectric constants of the solvent and water, 

respectively, ri is the Born radius of the ionic species i, 𝑁𝐴  is Avogadro’s 

number, 𝑧𝑖 is the charge of the ionic species i, and e is the elementary charge. 

The short-range interactions between the immediate neighbors of any species 

are represented by the ENRTL local composition formula. 

ln 𝛾𝑖
𝑙𝑐 =  

1

𝑅𝑇
∑ (

∑ 𝑋𝑖𝐺𝑖𝑗𝜏𝑖𝑗𝑖

∑ 𝑋𝑖𝐺𝑖𝑗𝑖
)𝑖   (3-5) 

 
𝑋𝑗𝑖

𝑋𝑖𝑖
= (

𝑋𝑗

𝑋𝑖
)𝐺𝑗𝑖  (3-6) 

𝑋𝑖 = 𝑥𝑖𝐶𝑖  (3-7) 

𝐺𝑗𝑖 =  𝑒−𝛼𝑖𝑗𝜏𝑖𝑗  (3-8) 

τ𝑖𝑗 = 𝐴𝑖𝑗 +
𝐵𝑖𝑗

𝑇
+ 𝐶𝑖𝑗 [

𝑇𝑟𝑒𝑓−𝑇

𝑇
+ ln (

𝑇

𝑇𝑟𝑒𝑓)]  (3-9) 

, where xi is the mole fraction of species i in the system, Ci is the absolute 

charge of the ionic species, αij is the non-randomness factor (fixed at 0.2 in this 

work), i and j indicate the molecules and electrolytes, respectively, τij is the 

binary interaction energy parameter, Aij, Bij, and Cij are the temperature 

coefficients with Tref = 298.15 K, and i is the component or ion species. 

The binary interaction parameters of MEG, H2O, and the electrolyte were 

obtained by regressing the solubility and vapor pressure data reported in Table 

3-1 which shows the range of temperature and pressure and the number of data 

points from the available literature for MEG+ H2O +(NaCl, KCl) systems. 
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Owing to the limited temperature range and number of data points, the 

experimental data obtained herein were valuable to improve the accuracy of the 

ENRTL model. There have been many attempts to apply the ENRTL-RK model 

and adjust the binary interaction parameters between H2O and MEG and H2O 

and the electrolytes using the regression of experimental data with APSEN 

PLUS [31, 32, 77]. Zaboon et al. [31] adjusted the binary interaction parameters 

between H2O and MEG. Bhattacharia and Chen [32] and Tanveer and Chen [77] 

investigated the binary interaction parameters for the (Na+Cl-):H2O, 

(K+Cl-):H2O, and (K+Cl-):(Na+Cl-) pairs by regressing available thermodynamic 

data including the osmotic coefficient, vapor pressure, and solubility.  

These studies also provided the binary interaction parameters for the 

H2O:MEG pair. However, there are few studies on the binary interaction 

parameters for the MEG:(Na+Cl-) and MEG:(K+Cl-) pairs. The solubility and 

vapor pressure data were first determined in this study. Then, by regressing the 

experimental data and data obtained from literature, the binary interaction 

parameters for the MEG:(Na+Cl-) and MEG:(K+Cl-) pairs were obtained, as 

shown in Table 3-3. The objective function was maximum likelihood [89] and 

Britt and Luecke [90] method was used for algorithm to regress the data with 

0.0001 tolerance. The experimental solubility data as well as the values 

calculated with the thermodynamic model are presented in a later section. To 

investigate the accuracy of the thermodynamic model, the relative deviation 

(RD) and the mean relative deviation (MRD) was calculated by comparing the 

experimental data to the calculated values using Equations (3-1) and (3-2) [32]: 
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Table 3-3. Regressed binary interaction parameters for the ENRTL-RK 

model. 

Parameter τH2O-MEG
a τH2O-NaCl

b τMEG-NaCl 

Aij 1.95 7.43 6.061 

Aji -1.77 -4.35 -3.631 

Bij -1020.4 429.0 384.6 

Bji 938.5 -56.9 -294.1 

Cij 0.3 -3.25 0.23 

Cji  3.11 4.19 

Parameter τH2O-KCl
b τMEG-KCl τNaCl-KCl

b 

Aij 6.73 5.97 -0.619 

Aji -3.98 -3.042 -0.202 

Bij 428.0 302.42 300.00 

Bji -52.1 -278.04 -55.90 

Cij 0 0.32 0 

Cji 1.31 -1.2 0 

aModified based on reference [31] 
bFrom reference [32] 

 

RD = (
𝑀𝑜𝑑𝑒𝑙 𝑟𝑒𝑠𝑢𝑙𝑡−𝑒𝑥𝑝𝑒𝑟𝑖𝑚𝑒𝑛𝑡𝑎𝑙 𝑑𝑎𝑡𝑎

𝑒𝑥𝑝𝑒𝑟𝑖𝑚𝑒𝑛𝑡𝑎𝑙 𝑑𝑎𝑡𝑎
) × 100%  (3-10) 

MRD =
1

𝑘
∑ (

|𝑀𝑜𝑑𝑒𝑙 𝑟𝑒𝑠𝑢𝑙𝑡−𝑒𝑥𝑝𝑒𝑟𝑖𝑚𝑒𝑛𝑡𝑎𝑙 𝑑𝑎𝑡𝑎|

𝑒𝑥𝑝𝑒𝑟𝑖𝑚𝑒𝑛𝑡𝑎𝑙 𝑑𝑎𝑡𝑎
)𝑘

𝑖=1 × 100%   (3-11) 
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3.2.3. Evaluation of model parameters 

3.2.3.1. MEG-water-NaCl system 

The presence of electrolytes in aqueous MEG solutions is known to have a 

negative impact on the performance of the MEG regeneration process. As NaCl 

is one of the representative electrolytes in produced water from offshore oil and 

gas fields, its solubility in aqueous MEG solution was measured for various 

MEG concentrations while increasing the system temperature from 25oC to 

140oC. Figure 3-1and Table 3-5 present the measured solubility data. Each 

measurement was repeated three times to assess the repeatability. The solubility 

of NaCl is highest in pure water and increases slightly with the temperature. 

This finding is consistent with previously reported results for 

NaCl+water+MEG ternary systems. However, the solubility of NaCl in 

aqueous MEG solution decreases with increase in MEG concentration. For 

example, at 75oC, the solubility of NaCl is 6.42 mol/kg solvent of pure water 

and 1.49 mol/kg solvent of 90 wt% MEG solution. The solubility is 1.53 mol/kg 

solvent of 90 wt% MEG solution at 140oC, indicating that the MEG 

concentration has a stronger effect on the solubility of NaCl than the 

temperature. As seen in Table 3-5, the solubility data obtained in this work is 

in good agreement with the literature [69, 91]. The relative deviations for the 

solubility of NaCl are within the range of -6 to 6% with the MRD of 2.01%, as 

shown in Figure 3-2. 
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Table 3-4. Solubility of NaCl(3) in water(1)+MEG(2) solutions at 

different temperature at 1.00 bara 

𝐱𝟐
′ a 

T  

(oC) 

m3  

(mol/kg solvent c) 
𝐱𝟐

′  
T 

(oC) 

m3  

(mol/kg solvent c) 

0.10 25 5.37 0.80 120 1.94 

0.10 50 5.46 0.90 25 1.46 

0.10 75 5.68 0.90 50 1.48 

0.30 25 4.20 0.90 75 1.49 

0.30 50 4.32 0.90 80 1.50 

0.30 75 4.50 0.90 100 1.51 

0.50 25 3.09 0.90 120 1.52 

0.50 50 3.20 0.90 140 1.53 

0.50 75 3.34 1.00 25 1.21 

0.50 100 3.49 1.00 35 1.20 

0.80 25 1.73 1.00 50 1.19 

0.80 50 1.77 1.00 75 1.18 

0.80 65 1.81 1.00 100 1.17 

0.80 75 1.83 1.00 120 1.17 

0.80 87 1.86 1.00 140 1.16 

0.80 100 1.89    
a𝑥2

′  represent the salt-free-based mass fraction of MEG. bStandard 

uncertainties u are ur(P)=0.01 bar, u(T)=0.10 oC, u(x’)=0.02, and ur(m)=0.03. 
csolvent reports mixture of MEG and water. 
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Figure 3-1. Solubility of NaCl(3) in H2O(1)+MEG(2) solution as a function 

of temperature and composition of the solution at 1.00 bar; comparison 

between experimental data.  

(symbols: ○, 𝒙𝟐
′ =0.1, Masoudi et al. [66]; ●, 𝒙𝟐

′ =0.1, This work; ○, 𝒙𝟐
′ =0.25, 

Masoudi et al. [66]; X, 𝒙𝟐
′ =0.25, Baldwin et al. [80]; +, 𝒙𝟐

′ =0.25, Djamali 

et al. [82]; ●, 𝒙𝟐
′ =0.3, This work; , 𝒙𝟐

′ =0.5, Zhou et al. [78], Zhou et al. 

[79]; △, 𝒙𝟐
′ =0.5, Trimble [70]; X, 𝒙𝟐

′ =0.5, Baldwin et al. [80]; ●, 𝒙𝟐
′ =0.5, 

This work; , 𝒙𝟐
′ =0.6, Zhou et al. [78], Zhou et al. [79];△, 𝒙𝟐

′ =0.6, 

Trimble [70]; , 𝒙𝟐
′ =0.7, Zhou et al. [78], Zhou et al. [79]; △, 𝒙𝟐

′ =0.8, 

Trimble [70]; , 𝒙𝟐
′ =0.8, Zhou et al. [78], Zhou et al. [79]; ●, 𝒙𝟐

′ =0.8, This 

work; , 𝒙𝟐
′ =0.9, Zhou et al. [78], Zhou et al. [79]; ▽, 𝒙𝟐

′ =0.9, Zeng and 

Li [76]; ●, 𝒙𝟐
′ =0.9, This work; X, 𝒙𝟐

′ =1.0, Baldwin et al. [80]; ▽, 𝒙𝟐
′ =1.0, 

Zeng and Li [76]; , 𝒙𝟐
′ =1.0, Zhou et al. [78], Zhou et al. [79]; △, 𝒙𝟐

′ =1.0, 

Trimble [70]; ●, 𝒙𝟐
′ =1.0, This work) and simulation results (solid lines). 
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Figure 3-2. Relative deviations between the experiment data and predicted 

value (from modified ENRTL-RK model) for the solubility's of NaCl(3) in 

the H2O(1)- MEG(2) mixtures. 𝒙𝟐
′  represents the salt-free-based mass 

fraction of MEG. 

(symbols : ●, Liu and Lindsay [92]; ●, Farelo et al. [93]; ●, Zhou et al. [78]; 

●, Zeng and Li [76]; ●, Zhou et al. [79];●, Masoudi et al. [66]; X, Trimble 

[70]; X, Djamali et al. [82]; X, Baldwin et al. [80]; ○ This work).  
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Table 3-6 shows the comparison between the measured data obtained by 

Masoudi et al. [66] and the boiling point calculated using the ENRTL-RK 

model. The MRD between the experimental data and the calculated results is 

0.06%, proving the accuracy of the thermodynamic model. The data clearly 

show the increase in boiling point of the MEG solution with increase in MEG 

and NaCl concentrations. This finding is well aligned with the effect of 

electrolytes on the boiling point of aqueous solutions, as reported by Bialik et 

al. [94] and Meranda and Furter [95]. These results suggest that the presence of 

NaCl increases the boiling point of aqueous MEG solutions and consequently 

the operating temperature. However, the risk of NaCl precipitation increases 

because of the low solubility of NaCl at high MEG concentration, which will 

be discussed in a later section.  
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Table 3-5. Experimental data for H2O+MEG+NaCl system and mean 

relative deviation (MRD) 

Reference Data type 
T 

(oC) 

P 

(bar) 

Number 

of points 

MRD 

(%) 

Masoudi et al. 

[66] 
solubility 0-75 1 9 3.17a 

Trimble [70] solubility 30 1 7 1.13b 

Baldwin et al. 

[80] 
solubility 50 1 6 0.88b 

Zhou et al. [78] solubility 25 1 7 2.39b 

Zhou et al. [79] solubility 15, 35 1 15 2.70b 

Zeng and Li 

[76] 
solubility 5-80 1 25 2.77b 

This work solubility 25-140 1 31 1.75a 

Masoudi et al. 

[66] 
VLE Tsat 1 4 0.20b 

Jeon [75] Vapor pressure 50-160 Psat 126 4.94a 

aUsed for data regression 
bUsed for estimating the accuracy of the thermodynamic model  

 

Table 3-6. Experimental data and predicted boiling points for 

H2O(1)+MEG(2)+ NaCl(3) solutions at 1.00 bar 

 

  

𝒙𝟏 𝒙𝟐  𝒙𝟑 Boiling temperature (oC) MRD 

(%) 
 

  
 

Experimental [66] Calculated 
 

89.0 5.8  5.2 101.5 101.5 0.00 

78.0 12.7  9.3 103.5 103.4 0.14 

60.6 24.2  15.2 108.0 107.8 0.19 

50.8 35.8  13.4 110.6 110.1 0.48 

     Average 0.20 
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3.2.3.2. MEG-water-KCl system 

KCl is also one of the representative electrolytes in produced water and 

dissociates completely to K+ and Cl- ions when dissolved in aqueous solution. 

The solubility of KCl in aqueous MEG solutions was measured to investigate 

the change in solubility with the MEG concentration and temperature. Figure 

3-3 and Table 3-7 present the solubility in aqueous MEG solution measured 

between 25oC and 140 oC. Similarly to NaCl, the solubility of KCl increases 

with an increase in temperature. The solubility of KCl increases from 4.17 

mol/kg solvent to 5.95 mol/kg solvent for 10 wt% MEG solution when the 

temperature increases from 25oC to 75oC. However, the increase in solubility 

is less significant with an increase in the temperature than with an increase in 

the MEG concentration. For a 90 wt% MEG solution, the difference in 

solubility is only 0.33 mol/kg solvent when the temperature increases from 

25oC to 75oC. This result also suggests that the MEG concentration has a 

stronger effect than the solution temperature on the solubility of KCl. 

Interestingly, a higher difference in solubility with an increase in temperature 

was observed for KCl than for NaCl for the same MEG concentration.  

The measured solubility data was compared to data from the literature and 

with the calculated results obtained with the modified binary interaction 

parameters in the ENRTL-RK model. The relative deviations for the solubility 

of KCl between experiment value and calculated value are within the range of 

-8 to 8% with the MRD of 3.75% as shown in Figure 3-4and Table 3-8. The 

simulation results agree well with the experimental data from both this work 
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and the literature.  

Table 3-9 shows the comparison between the data measured by Masoudi et 

al. [66] and the calculated boiling point of the MEG solution with increase in 

MEG and KCl concentrations. The MRD for the data obtained by Masoudi et 

al. [66] is 0.39%, suggesting the excellent accuracy of the developed ENRTL-

RK model. These results show the increase in the boiling point of the MEG 

solution with increase in KCl concentration and consequently the risk of KCl 

precipitation in the distillation column.   

 

Table 3-7. The solubility of KCl(3) in H2O(1)+MEG(2) solutions at the 

different temperature at 1.00 barb 

𝐱𝟐
′ a T (oC) 

m3 (mol/kg 

solvent c) 
𝐱𝟐

′  T (oC) 
m3 (mol/kg 

solvent c) 

0.00 25 4.76 0.60 50 2.17 

0.00 50 5.73 0.60 75 2.58 

0.00 75 6.63 0.80 25 1.09 

0.10 25 4.17 0.80 100 1.83 

0.10 50 5.08 0.90 25 0.82 

0.10 75 5.95 0.90 50 0.98 

0.30 25 3.11 0.90 75 1.15 

0.30 50 3.78 0.90 100 1.31 

0.30 75 4.51 0.90 140 1.58 

0.50 25 2.17 1.00 35 0.72 

0.50 50 2.64 1.00 75 0.90 

0.50 75 3.17 1.00 100 1.00 

0.50 100 3.61 1.00 120 1.07 

0.60 25 1.75 1.00 140 1.16 
a𝑥2

′  represent the salt-free-based mass fraction of MEG. bStandard 

uncertainties u are ur(P)=0.01 bar, u(T)=0.10 oC, u(x’)=0.02, and ur(m)=0.02. 
csolvent reports mixture of MEG and water. 
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Figure 3-3. Solubility of KCl in H2O+MEG solution as a function of 

temperature and composition of the solution; comparison between 

experimental data. 

(symbols: ○, 𝒙𝟐
′ =0.0, Gao et al. [96]; , 𝒙𝟐

′ =0.0, Zhou et al. [79]; X, 𝒙𝟐
′ =0.0, 

Trimble [70]; ▽, 𝒙𝟐
′ =0.0, Zhou et al. [78]; ●, 𝒙𝟐

′ =0.0, This work; , 

𝒙𝟐
′ =0.1, Zhou et al. [79]; ▽, 𝒙𝟐

′ =0.1, Zhou et al. [78]; ●, 𝒙𝟐
′ =0.1, This work; 

△, 𝒙𝟐
′ =0.22, Chiavone-Filho and Rasmussen [68]; ▽, 𝒙𝟐

′ =0.22, Zhou et al. 

[78]; ▽, 𝒙𝟐
′ =0.3, Zhou et al. [78]; , 𝒙𝟐

′ =0.3, Zhou et al. [79]; ●, 𝒙𝟐
′ =0.3, 

This work; ▽, 𝒙𝟐
′ =0.5, Zhou et al. [78]; , 𝒙𝟐

′ =0.5, Zhou et al. [79]; ●, 

𝒙𝟐
′ =0.5 ,This work; ▽, 𝒙𝟐

′ =0.6, Zhou et al. [78]; , 𝒙𝟐
′ =0.6, Zhou et al. [79]; 

X, 𝒙𝟐
′ =0.6, Trimble [70]; ●, 𝒙𝟐

′ =0.6, This work; ▽, 𝒙𝟐
′ =0.7, Zhou et al. [78]; 

, 𝒙𝟐
′ =0.7, Zhou et al. [79]; ▽, 𝒙𝟐

′ =0.8, Zhou et al. [78]; , 𝒙𝟐
′ =0.8, Zhou 

et al. [79]; X, 𝒙𝟐
′ =0.8, Trimble [70]; ●, 𝒙𝟐

′ =0.8, This work; ▽, 𝒙𝟐
′ =0.9, 

Zhou et al. [78]; , 𝒙𝟐
′ =0.9, Zhou et al. [79]; ●, 𝒙𝟐

′ =0.9, This work; △, 

𝒙𝟐
′ =1.0, Chiavone-Filho and Rasmussen [68]; ▽, 𝒙𝟐

′ =1.0, Zhou et al. [78]; 

, 𝒙𝟐
′ =1.0, Zhou et al. [79]; X, 𝒙𝟐

′ =1.0, Trimble [70]; ●, 𝒙𝟐
′ =1.0, This work) 

and simulation results (solid lines). 
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Table 3-8. Experimental for H2O+MEG+KCl system and mean relative 

deviation (MRD) between the experimental data and the values obtained 

with the thermodynamic model. 

Reference Data type 
T 

(oC) 

P   

(bar) 

Number 

of points 

MRD 

(%) 

Chiavone-Filho and 

Rasmussen [68] 
solubility 25-75 1 18 4.31a 

Trimble [70] solubility 30 1 6 3.53b 

Zhou et al. [78] solubility 25 1 11 6.66b 

Zhou et al. [79] solubility 15, 35 1 12 4.53b 

This work solubility 25-140 1 28 2.14a 

Masoudi et al. [66] VLE Tsat 1 6 0.39b 

aUsed for data regression 
bUsed for estimating the accuracy of the thermodynamic model  

 

Table 3-9. Experimental data and predicted boiling points for 

H2O(1)+MEG(2)+KCl(3) solutions at 1.00 bar 

𝒙𝟏 𝒙𝟐 𝒙𝟑 Boiling temperature (oC) 
MRD 

(%) 

   Experimental [66] Calculated  

90.4 4.7 4.9 100.0 101.2 1.17 

81.7 9.4 8.9 102.1 102.4 0.21 

68.6 15.9 15.5 104.5 104.8 0.34 

66.0 16.8 17.2 105.1 105.5 0.39 

60.6 33.6 5.80 105.5 105.5 0.00 

38.9 55.2 5.90 112.2 112.0 0.23 

    Average 0.39 

a𝒙𝒊 reports mass fraction of component in the solution. 
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Figure 3-4. Relative deviations between the experiment data and predicted 

value (from modified ENRTL-RK model) for the solubility's of KCl(3) in 

the H2O(1)-MEG(2) mixtures. 𝒙𝟐
′  represent the salt-free-based mass 

fraction of MEG. 

(symbols : ●, Gao et al. [96]; ●, Zhou et al. [78], Zhou et al. [79]; ●, 

Chiavone-Filho and Rasmussen [68]; ●, Zhou et al. [79]; X Trimble [70]; 

○, This work).  
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3.3. Pilot plant-scale experiments of MEG regeneration 

process 

3.3.1. Facilities and experimental procedure 

The MEG, water, and NaCl were mixed using MEG (99.5% purity, Samchun 

Chemicals, Korea) and NaCl (99.5% purity, Samchun Chemicals, Korea) at 

room temperature. Water (99.0% purity, Samchun Chemicals, Korea) was used 

without further purification. 

The flow diagram for the pilot plant of MEG regeneration system is shown 

in Figure 3-5 and the operating conditions of the main equipment unit are 

summarized in Table 3-10. The feed solution was prepared with mixing the 

MEG, water, and NaCl at 40oC in two feed tank (T101A, T101B) of 1.2 m3. 

The feed went into pre-treatment vessel (V101) at a mass flow rate of 200 kg/hr. 

Pre-treatment vessel was operated under 80oC and 1.5 bar to remove a small 

amount of divalent salt such as CaCO3 in solution. In this paper, we didn’t 

consider the investigation of divalent salt.  

Then, the rich MEG solution, of which the concentration of MEG is around 

50 wt% was re-concentrated to 80 - 90 wt% by evaporating water in the 

distillation column (C101). The distillation column was designed with 2 beds 

of structured packing and 1 bed of random packing as a packing column is 

mainly used in offshore plant [97]. The distillation column consists of kettle 

type reboiler and total condenser. The operating pressure of reboiler unit was 

maintained at 1.05 bar and the operating temperature was changed the range of 
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125 oC to 145 oC. Part of lean MEG with salts from distillated column entered 

reclamation vessel (V111) at a mass flowrate of 20 kg/hr. The glycol and water 

flashed to vapor phase and salt was removed to liquid phase in slurry foam at 

the reclamation vessel, which was operated under 0.11 bar with vacuum pump 

(VP111).  

The experimental procedure of the process for MEG regeneration is as 

follows. Initially, the feed was continuously injected to the column until the 

level of reboiler reaches 60%. The steam was provided to reboiler (E102) to 

increase the temperature of reboiler. When the vapor distilled from reboiler to 

the topside of the column, the condenser (E103) was started to operate and 

maintain the total reflux until the level of reflux drum reached 50%. When the 

temperature of reboiler and top of the column was stable, the feed was fed into 

the column at 200 kg/hr flowrate and the reflux rate sets a target value for each 

case. To operate the vacuum condition for reclamation unit, the cooling water 

was provided to cooler (E112), and vacuum pump (VP111) started. After 

checking the normal operation of VP111, we operated outlet pump after column 

(P103) and flow controller for the reclamation unit. Recycle heater (E111) was 

started to operate with steam to increase the temperature of recycle stream. 

When the level of reclamation vessel (V111) reached 40%, outlet pump in 

liquid phase (P113) was started and we investigated the vessel pressure was 

maintained in vacuum. After the pressure and temperature of the vessel (V111) 

reached the target value, the value of each controller, liquid level, temperature, 

and pressure of equipment was logged every 60 sec. The sampling was taken at 

the inlet of the column (SP#1), the outlet of reflux drum (SP#2), and the outlet 
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of reboiler (SP#3) three times every 2 hr.  

 

 

Figure 3-5. Flow diagram for pilot-plant scale MEG regeneration system 

 

Table 3-10. Description of operating conditions of main equipment 

Main process 

equipment 
Description 

Temperature 

(oC) 

Pressure 

(bar) 

MEG 

concentration 

(wt%) 

Flowrate 

(kg/hr) 

Feed tank  40 1.00 50 ± 5 200 

Pretreatment 

unit 
Flash drum 80 1.50 50 ± 5 200 

Distillation 

column 

Reflux 

drum 
99-101 1.00 < 1000 ppm  

Reboiler 125-145 1.05 80 - 90  

Reclamation 

unit 
Flash drum 127-129 0.11  20 

 

The sample was analyzed to investigate the composition of MEG, water, and 

NaCl. The composition of the MEG-water-NaCl solution in the feed (SP#1 in 

Figure 3-5) and bottom products (SP#3 in Figure 3-5) of distillation column 
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was measured using Karl Fischer (Mettler Toledo V10). The composition of 

the MEG-water solution in the distillate product (SP#2 in Figure 3-5) of 

distillation column was measured using gas chromatography (Agilent 7890N 

instrument with FID; H2 as the carrier gas at 35 mL/min and Air as the carrier 

gas at 350 mL/min; DB-wax 25m X 0.02 mm column; split 10:1; temperature 

program = 100 oC hold for 1min, followed by heating at a rate of 10 K/min to 

201 oC; accuracy of mass fraction=± 0.001). The amount of NaCl in solution 

was analyzed using inductively coupled plasma‐atomic emission spectroscopy 

(ICP‐AES, OPTIMA 8300, Perkin-Elmer(USA)). 
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3.3.2. Analysis of lean MEG purity 

This chapter investigates the performance of recovery of MEG using 

constructed pilot plant. 

3.3.2.1. MEG-water system 

Table 3-11 summarized the experimental results of the pilot plant of MEG 

regeneration column for each trial with MEG and water system. Through the 

GC (Gas Chromatography) measurement of OVHD stream, MEG 

concentration within the reflux drum was observed below 20 ppm, which 

indicate that the designed distillation column has low MEG loss [31]. The lean 

MEG purity increased with higher reboiler temperature. The lean MEG purity 

was obtained with 80.1 wt% when reboiler temperature was 124.6oC. As rising 

operating temperature to 145.1oC, the lean MEG purity was increased to 91.4 

wt% in solution.  

When MEG is regenerated by heating it to remove containing water and 

recover high purity of glycol, MEG can start to degrade into organic acids such 

as acetic acid and formic acid due to overheating. When it happens, MEG loses 

its performance as a hydrate inhibitor. Although the degradation temperature of 

lean MEG is considered around 163oC, AlHarooni et al. [74] studied the 

thermal degradation could occur after 165oC. When the MEG thermally 

exposed to 165oC, the hydrate equilibrium curve deviated toward the right side 

by 0.33oC. The performance of the hydrate inhibitor decreased as the exposure 

time of overheating increased. Therefore, through pilot operation results, it was 

recommended to obtain MEG concentration below 90wt% to prevent 
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degradation. 

 

Table 3-11. Operating conditions and product compositions with 

MEG/water system.  

Case 

No. 

Reboiler 

temperature 

(oC) 

MEG concentration 

in feed (SP#1) (Mass 

fraction) 

Reflux 

rate 

(kg/hr) 

Lean MEG purity in 

reboiler (SP#3) 

(wt%) 

1 
124.6 

(0.05) 

0.511 

(0.016) 
24 

80.1 

(0.4) 

2 
127.7 

(0.03) 

0.488 

(0.015) 
34 

81.1 

(0.2) 

3 
139.7 

(0.13) 

0.539 

(0.001) 
25 

88.5 

(0.1) 

4 
142.4 

(0.22) 

0.528 

(0.003) 
20 

90.6 

(01) 

5 
144.5 

(0.38) 

0.503 

(0.002) 
20 

91.2 

(0.2) 

6 
145.1 

(0.04) 

0.502 

(0.002) 
20 

91.8 

(0.4) 

* Standard deviation values in parenthesis. 
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3.3.2.2. MEG-water-NaCl system 

Table 3-12 summarized the experimental results of the pilot plant of the 

MEG regeneration column for each trial with MEG, water, and NaCl system. 

To investigate the effect of salt concentration in Lean MEG purity, we fixed the 

reboiler temperature at 143.5 oC. The reflux rate of the column was also fixed 

to 20 kg/hr. Salt is a non-volatile substance that increases the boiling point of a 

solution. As Na ion concentration increases in MEG solution, Lean MEG purity 

decreases at a constant temperature.  

 

Table 3-12. Operating conditions and product compositions with 

MEG/water/NaCl system at 143.5oC.  

Case 

No. 

Lean MEG purity in reboiler (SP#3) 

(wt%) 

Na+ concentration in reboiler 

(SP#3) (ppm) 

7 90.6 (0.2) 2637 

8 90.2 (0.3) 3104 

9 89.4 (0.4) 5601 

10 87.8 (0.2) 8453 

11 85.5 (0.4) 14684 

*Standard deviation values in parenthesis. 
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3.4. Validation of modeling with the pilot plant experiment 

3.4.1. Process design of MEG regeneration unit 

The feasibility of the developed thermodynamic model and experiment 

results of the pilot plant is evaluated through the process simulations in the 

ASPEN PLUS v10.0 software. The RADFAC module with the rate-based 

calculation model was used to investigate the performance of the pilot-scale 

packed bed distillation column for MEG regeneration [98, 99]. The simulations 

of MEG-water distillation with electrolytes were performed with the developed 

ENRTL-RK model in the previous section. Physical and chemical properties 

for MEG, water, NaCl were available in the ASPEN component library and the 

electrolyte wizard was also used to simulate the NaCl(S) precipitation. The 

process of pilot-scale MEG regeneration plants was simulated as shown in 

Figure 3-6. The actual feed rates, feed conditions, and the experimental 

conditions of the distillation column in Table 3-10 were used as input 

conditions for the simulation. Column specifications were defined as the 

reboiler operating temperature and pressure, experimental reflux rate, and 

height and type of packing. The properties of packing type were taken from 

basic information without changes.  
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Figure 3-6. Schematics of slip-stream MEG regeneration process 
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3.4.2. Analysis of lean MEG purity under normal operation 

The lean MEG purity in MEG/water system was compared with experiment 

and predicted data as shown in Figure 3-7. The modified ENRTL-RK model 

predicted the lean MEG purity after reboiler with the MRD of 0.58% with 

experiment results in comparison to 0.85% of the conventional ENRTL-RK 

model. 

 

Figure 3-7. Lean MEG purity depending on reboiler (SP#3) temperature 

 

To predict the lean MEG purity using simulation in MEG/water/NaCl system, 

the concentration of Cl- was estimated using the dissociation reaction 

stoichiometric ratio through the measured concentration of Na+ ion at the at the 

feed (SP#1 in Figure 3-5) and bottom products (SP#3 in Figure 3-5) of 

distillation column [31]. The divalent salt was not present in the solution taken 

from SP#1 and SP#3. It was assumed that the divalent salt was completely 
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removed through the pretreatment vessel before entering the distillation column. 

Modified ENRTL-RK model results estimated a more accurate value of the lean 

MEG purity in comparison to the conventional ENRTL-RK model when the 

electrolytes include in solutions (Figure 3-8). The MRD of the conventional 

ENRTL-RK model is 1.5% but the MRD of modified ENRTL-RK model 

presents 0.6%. From these results, it could be concluded that the concentration 

of salt ion plays an important role in determining the operating condition of the 

distillation column. Using a modified model could suggest predicting the 

improved operating condition to achieve lean MEG purity. 

 

Figure 3-8. Lean MEG purity depending on Na+ concentration in reboiler 

(SP#3) at 143.5oC 
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3.4.3. Analysis of emergency case 

Reclamation units are to remove the salts in MEG aqueous solution for 

vaporizing MEG and water at vapor phase. The operating temperature to 

vaporize the MEG and water is high, so the reclamation vessel is operated under 

vacuum conditions. The pre-heater (E111 in Figure 3-5) was heated the stream 

to the reclamation vessel. At this time, the thermodynamic model can be used 

to select the operating temperature and the amount of heat injected into the pre-

heater.  

Figure 3-9 shows the liquid level percent and temperature of the reclamation 

vessel (V111) during operating time. At this time, the experimental conditions 

up to 15 hr of initial operation are as shown in Table 3-13.  

 

Table 3-13. Operating condition of reclamation unit 

Pressure (bar) 0.11 

Temperature (oC) 128.1 

Inlet flowrate (kg/hr) 20.0 

 

 After 15 hours of operation, the pre-heater (E111) failed. The temperature 

of the reclamation vessel decreased drastically. The liquid level of the vessel 

gradually increased as MEG and water in the reclamation vessel could not 

vaporize smoothly. The liquid level increased to 79.3% in 22 hours after the 

operation, and the liquid flowed into the vacuum pump. The performance of 

vacuum pump was reduced and the pressure of the reclamation vessel could not 

keep constant. The operation of reclamation unit stopped to prevent the failure 
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of the vacuum pump. 

 

Figure 3-9. Temperature and liquid level percent of reclamation vessel 

(V111) 

 

In order to examine the effect of the thermodynamic model under dynamic 

conditions, we simulated the above case. Figure 3-10 shows the process flow 

diagram of the reclamation unit using ASPEN HYSYS. The actual feed rates 

and feed conditions were case 9 in Table 3-12. The operating temperature of 

the pilot-plant shown in Figure 3-9 was the setpoint of the temperature 

controller (TIC-100 in Figure 3-10) using MATLAB every 53 seconds. The 

flowrate to reclamation vessel was controlled to 20 kg/hr. The flow rate and 

temperature of stream ‘1’ were delivered to those of stream ‘422’ using 

MATLAB every 53 seconds for stable dynamic simulation. 
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Figure 3-10. Process flow diagram of reclamation unit using ASPEN 

HYSYS v10.0 

 

The change of liquid level percent was predicted depending on the 

temperature change of the reclamation vessel (V111) for the conventional and 

modified ENRTL-RK models as shown in Figure 3-11. For the conventional 

ENRTL-RK model, the liquid level gradually increased after 1 hr of operation 

and reached 95.3% at 17.4 hr of operation. Flash drum maintained the liquid 

level percent at 128.1oC and 11 bar from operating data but, the conventional 

model predicted the operating temperature to flash the water/glycol solution 

fully as 128.8 oC. As shown in Table 3-14, all of the entered MEG would not 

be vaporized, and the concentration of MEG in the liquid accumulated in the 

reclamation vessel is higher, and the boiling point of the solution is higher as 

the liquid level continues to rise.  

The modified model showed a similar tendency as the experiment compared 

to the conventional model. The liquid level percent of vessel predicted by 

modified model also sharply increased after 15 hr of operation and reached only 

80.5% at 22 hr of operation.  



70 

The concentration of MEG and NaCl affects the vapor and liquid equilibrium 

of the solution for MEG/water/NaCl system. Pilot-scale experiments have 

shown that abnormal operation conditions and failure of heaters or coolers 

could affect the separation efficiency and cause the stop of operation. The 

modified ENRTL-RK model predicted the liquid level change of operational 

problems with high accuracy than conventional ENRTL-RK model. The results 

suggested that the modified model could be used for risk analysis due to device 

failure, even in dynamic operation. 

 

Figure 3-11. Liquid level percent of reclamation vessel (V111) during 

pilot plant operation 
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Table 3-14. Simulation results at constant temperature  

Operating condition 
Experimental 

conditions 

Modified 

model 

Conventional 

model 

Operating temperature 

(oC) 
128.1 128.1 128.1 

Inlet flowrate 

(kg/hr) 
20 20 20 

MEG concentration at 

inlet flow (wt%)a 
89.4 89.4 89.4 

Vapor 

phase 

flowrate 

(kg/hr) 

Total 19.5 19.3 17.6 

Water 2.0 2.0 2.0 

MEG 17.5 17.3 15.6 

Vapor 

phase 

MEG 

concentration 

wt%b 

89.7 89.6 89.0 

a is MEG concentration of MEG, water, NaCl mixed solution, b is MEG 

concentration based on MEG and water solution. 
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3.5.  Analysis of column efficiency under the static 

inclination 

In typical sloshing conditions under the offshore platform, there are three 

angular motions and three linear motions. The offshore process should be 

evaluated for separation efficiency under the sip motions [100-102]. Widbom 

and Thorsson [100] experimented with operating a methanol-water distillation 

process subject to wave-induced irregular motions. They compared the 

separation efficiency with all motions between the vertical position and static 

inclination angle using height of packing to a theoretical step. The relative 

efficiency (HETSR/HETS) was decreased from 1.0 to below 0.4 as an 

increasing degree of column from 0o to 25o.  

It was hard to implement the continuous change of titling of the column like 

the sloshing effect in the pilot plant. Therefore, we compared the lean MEG 

purity for each slope of the column at the fixed condition and investigated the 

change of separation efficiency of packed distillation columns by changing the 

slope of the column from 0 o to 15 o in Figure 3-12.  
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(a) (b) 

  

Figure 3-12. (a) Distillation column of a pilot plant with tilting of 5o and 

(b) schematic of the column with tilting. 
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3.5.1. Experimental procedure 

We inclined the column with changing each 5o at a time, such as 0o, 5o, 10o 

and 15o. The slope of the column was changed manually within a minute. To 

measure the sample, we have to start and stabilize the operation at the target 

degree of column based on the method of section 3.1.1. It was required over 10 

hrs to reach a steady-state after changing the degree of tilting, as shown in 

Figure 3-13. Then, it starts sampling after 12 hours to stabilize the column.  

 

 

Figure 3-13. Lean MEG purity after changing the degree of column 

depending on time 
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3.5.2. Results and discussion 

Figure 3-14 shows the lean MEG purity depending on degree of column 

during regular operation. The heat flow was constant with 0.98 Nm3 steam/kg 

water. The inclination of column led to a drop in the efficiency of distillation 

water and MEG. The lean MEG purity was reduced from 80.2 wt% to 77.8 wt% 

as changing the degree of column from 0o to 15o (Table 3-15). Besides, the 

amount of MEG in OVHD was increased to 331.4 ppm at 15o of the tilt angle. 

Increasing MEG content in OVHD indicates to increase the loss of MEG 

through the distillation column. Changing column efficiency on the inclination 

of the column might be caused by developed liquid and gas maldistribution in 

the packed bed [100].  

 

Table 3-15. Results for MEG contents in the top stage, operating 

condition, and Lean MEG purity at the bottom stage of the distillation 

column 

Tilt angle 

on 

distillation 

column (o) 

Top Bottom 

MEG content 

in stream 

(ppm) 

Operating 

temperature 

(oC) 

Operating 

pressure 

(bar) 

Lean MEG 

purity (wt%) 

0 13.2 127.4  1.1 80.3 

5 56.4 127.1  1.1 80.1 

10 188.5 127.0  1.1 79.0 

15 331.4 126.8  1.1 77.8 
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Figure 3-14. Effect of column tilt on the MEG content in OVHD of the 

column and Lean MEG purity at reboiler 

 

The column efficiency was analyzed as the height equivalent to theoretical 

plate through the results for the composition of MEG in top and bottom stream. 

The efficiency of a column under static inclination is expressed as the relative 

efficiency, the ratio of HETP of the reference test (at 0o of column) to HETP at 

static inclination [100]. We calculated the HETP using total height of packed 

column and the number of equilibrium stages (ideal stage) [103, 104]. The 

number of equilibrium stage was calculated by using Mccabe-Thiele method 

[105]. The vapor and liquid equilibrium curve between MEG and water were 

used from modified ENRTL-RK model. It was assumed that the HETP is 

almost constant for the whole packed column. 
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Figure 3-15 shows the influence of static inclination on the performance 

efficiency in the distillation column. As increasing the tilt level of the 

distillation column, the HETP increased. At 5o, the HETP increased to 8%, and 

the relative efficiency decreased by 0.928. At 15o of the column, the HETP 

increased by as much as 39% and the relative efficiency reduced to 0.720. This 

section has examined the separation efficiency of MEG distillation columns of 

packed columns in offshore situations only from an experimental point of view. 

Further research is required for theoretical verification of changes due to 

inclination using numerical simulation to analyze and utilize the design of the 

column according to the change of motion of offshore platform. 

 

 

Figure 3-15. Effect of column tilt on relative efficiency 
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3.6. Summary 

This chapter developed the recovery process of MEG through developing a 

thermodynamic model and carrying out the pilot-scale experiments. First, the 

ENRTL-RK model was adjusted by tuning the binary parameter. We observed 

the maximum amount of NaCl and KCl soluble at various concentrations of 

MEG and water solution to 140oC. The solubility is strongly influenced by 

MEG concentration. The experimental and literature data were then further 

employed to investigate the binary parameters through the development of the 

thermodynamic model ENRTL-RK.  

Next, Pilot-scale experiments for MEG recovery were conducted using the 

packed distillation column with a capacity of 200 kg/hr of feed flow rate. The 

Lean MEG purity reduced as decreasing the temperature of reboiler in MEG 

and water system. The NaCl concentration also affected on the Lean MEG 

purity at constant reboiler temperature. The operation data from the pilot plant 

was compared with the predicted value from the thermodynamic model with 

modified binary parameters. The expected value in the adjusted model showed 

better accuracy with the operation data even for high NaCl concentration than 

that in the conventional model. 

Furthermore, the tilt test with a distillation column was performed to simulate 

the actual offshore operating conditions. The tilt angle of the distillation column 

increased, and the lean MEG purity lowered. 
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Chapter 4. Development of effective MEG 

injection and regeneration strategy using an 

interconnection method  

4.1. Research Background 

As discussed in the previous section, the injected lean MEG in the subsea 

flowline was mixed with gas, condensate, and produced water and rich MEG 

was changed to lean MEG through MEG regeneration process (Figure 4-1). The 

recovered lean MEG injected again to wellhead using MEG injection pump.      

Most of the studies have been conducted separately on the behavior of MEG 

injection in subsea pipelines and the design of the MEG regeneration process 

at the topside. Methodologies for simulating have also evolved in separate 

directions. However, the closed-loop MEG regeneration system for gas field is 

a critical system whose capacity is determined by the interaction of the subsea 

and topside operation. This chapter suggested a methodology for evaluating 

closed-loop MEG systems using OPC DA, the standard communication 

protocol, from the perspective of subsea and topside process integration (Figure 

4-2).  
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Figure 4-1. Schematic diagram of natural gas production in offshore 

platform 

 

 

Figure 4-2. Flow chart of developing the effective MEG injection and 

regeneration strategy using subsea and topside interconnection method. 
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The interconnection method examines the effect of salt concentration on 

MEG injection and regeneration in a closed MEG loop during production and 

we incorporate the under-inhibition concept, which was investigated 

experimentally in chapter 2, and MEG regeneration unit into the gas-dominated 

field. We proposed a modified slip stream concept for MEG regeneration 

process to prevent the deposition of high-soluble salt (NaCl) by implementing 

two-stage distillation, where additional distillation column is equipped after 

reclamation stage while controlling the performance of re-concentration stage. 

The economic feasibility was assessed for both full- and under-inhibited MEG 

injection with regeneration process for the offshore gas production system. The 

multiphase flow simulation tool was used to calculate the amount of hydrate 

inhibitor to be injected into subsea production system. Multiphase flow 

simulation results were coupled with the process simulation results to calculate 

the size and cost of MEG regeneration process. The simulation results were 

used to estimate operating costs and total capital expenditures during the field 

life. 
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4.2. Constructing an interconnection model  

4.2.1. Interconnection model 

 DCOM based in-house integrator was developed to achieve the closed-loop 

MEG regeneration system. DCOM configuration was used to access the data 

items for the different simulators with timestep control logics using MATLAB. 

The data such as temperature, pressure, flow rate, and composition, was 

transferred among simulator through OPC DA for each time step as shown in 

Figure 4-3. In this work, the subsea system was demonstrated using OLGA and 

topside MEG regeneration was simulated using ASPEN PLUS. 

 

Figure 4-3. Flow chart of the interconnection method between simulators 

  



83 

4.2.2. System description  

4.2.2.1. Subsea system 

The gas-dominant reservoir fluids were characterized as a Peng-Robinson 

peneloux model (PR 78A) of Multiflash v6.2 [106-108]. The subsea production 

system consists of 16 wellheads, 5 manifolds, 5 injection port for MEG, 3 

flowlines, and 3 flexible risers connected to CPF (central processing facilities) 

[109]. The water depth was 280 m and the ambient temperature was different 

while varying the water depth from 10.41 oC to 14.65 oC. The flow behavior of 

the fluid in the subsea flowline was simulated using the OLGA, which is a 

multiphase flow simulation tool for hydrocarbon fluids inside the subsea 

flowlines [33]. The production rate of gas is 1600 MMSCFD. The subsea 

system implemented is shown in Figure 4-4. Once every 5 seconds, the 

composition and flow rate of rich MEG from subsea system was transferred 

from subsea to inlet of MEG regeneration and the composition and flow rate of 

lean MEG recovered from the MEG regeneration process were transferred to 

the injection port of MEG in subsea system through the integration model.  
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Figure 4-4. Subsea system implemented with OLGA (2017.2.0) 
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4.2.2.2. Topside MEG regeneration system 

The operation of the topside process was simulated by representative process 

simulator software, ASPEN PLUS (v10.0). The modified ENRTL-RK 

thermodynamic property was employed because previous results mentioned 

that modified ENRTL-RK properties matched well with experimental data in 

the MEG-water-NaCl system. As a MEG recovery system, the concept of the 

slip-stream process was applied, as shown in Figure 4-5.  

Conventional slip-stream process classified the type of salts to remove more 

efficiently in the first pre-treatment stage and the last reclamation stage [110]. 

The advantage of this concept was to tolerate a certain amount of high soluble 

salts including NaCl and KCl, thus saving the cost of removing all salt ions 

using flash separation such as a full stream. The steps for slip-stream consist of 

three main processes. Initially, the divalent salts (CaCO3, MgSO4) were 

removed at pre-treatment vessel (V101). In general, low soluble salts were easy 

to precipitate with higher temperatures. The recycled stream was heated and 

mixed with an inlet stream to make V101 operate up to 80 oC to remove salts 

ideally. Secondly, rich MEG solution, which was around 50 wt% MEG solution, 

regenerated MEG 90 wt% solution by vaporizing water at distillation column 

(C101, C102). The general temperature of column was around 155 and 165 oC 

at 1.5 bar to make 90 wt% MEG purity. At that time, high operating 

temperatures may cause to make MEG degradation and require special care in 

handling. 90 wt% MEG solution still had remaining salts (monovalent). 

Therefore, around 15 % of regenerated MEG solution went through flash drum 
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(V102) to remove monovalent salts such as NaCl. V102 operated 128 oC under 

vacuum condition (0.11 bar) [111]. The final MEG concentration of lean MEG 

kept around 90 wt%.  

 

Figure 4-5. Simulation process flow diagram of the conventional MEG 

regeneration unit in APSEN PLUS (v10.0) 
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4.3. Economic evaluation 

Economic evaluation for each concept was based on the evaluation of Life 

Cycle Cost (LCC), which is the sum of total capital expenditures (CAPEX), 

operating costs (OPEX) and expenditure from risk (Risk Ex). In general, 

CPAEX can be estimated by multiplying a defined ratio based on the purchased 

unit cost and the statistical data. [27, 112, 113]. The ASPEN Process Economic 

Analyzer was used in this study. The OPEX represents the total manufacturing 

cost including raw material costs, utility, maintenance and repair for process, 

construction expenses and depreciation, etc. In this study, the OPEX is 

calculated based on the utility costs with multiple constant factors from 

literature [27, 114]. Figure 4-6 presents a schematic of economic assessment. 

 

 

Figure 4-6. Schematic of economic assessment of the process 
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The economic analysis was carried out with the following assumptions.  

(1) The operating hours for the MEG regeneration process were assumed to 

be 8000hr/yr, which has a process availability of 91.3% per year.  

(2) The pump efficiency was assumed to be 70%, and no spare pumps and 

heaters were considered in this study.  

(3) Low and high-pressure steam was used as heating medium, and cooling 

water was used as cooling medium. The amounts of the heating and cooling 

medium were calculated from results obtained from simulation, and the utility 

costs were summarized in Table 4-1. 

(4) Other essential conditions were assumed, as shown in Table 4-1. The 

utility and other costs can be different depending on the region and the year. 

This study tried to refer to the recent literature assessing the chemical process.  
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Table 4-1. Assumed conditions for the economic assessment of the process 

Item Price Specification 

Chemicals   

MEG 1000 $/tonne 

Utilities   

Electricity [115] 0.07 $/kWh 

Cooling water [115] 0.05 $/m3 

LP steam [114, 116] 7.35 $/tonne 

HP steam [114, 116] 10.83 $/tonne 

Other   

Lifetime 15 yr 

Interest rate [117] 8 % 

Operating hours [117] 8000 h/yr 

labor cost 30 $/person/hr 

 

It is assumed that Risk Ex is only related to the plugged flowline for hydrate 

formation during the field lifetime. Typically, risk cost is calculated from the 

failure rate of components, the repair time, and repair cost for flowline 

components. The OREDA Handbooks are the well-known reliability data 

source for offshore oil and gas facilities [118]. The handbook supplies three 

values of the mean, minimum and maximum of the failure rate and repair time. 

The minimum and maximum values of failure rate cover 90% of the variation. 

The repair cost for flowline components is assumed that 1.3MM$ per time for 

riser bull-heading and 5.2 MM$ per time for blowdown, respectively [119]. The 

Risk Ex is the sum of repair cost for riser bull-heading and blowdown and gas 

production loss due to failure.  
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4.4. Results and discussion 

4.4.1. Analysis of the impact of the interconnection model 

Before simulating the field using the interconnection model, we selected the 

required amount of MEG to prevent hydrate formation in the subsea pipeline. 

The pressure and temperature profile of hydrocarbon fluids in the subsea 

flowline under severe operations were calculated using OLGA, as shown in 

Figure 4-7. The severe condition was 7 oC and 317.2 bar considering the margin 

of 3oC. The required concentration of MEG in the subsea pipeline was 44wt% 

to prevent hydrate formation under severe conditions.  

 

Figure 4-7. Pressure and temperature conditions during the normal 

operation and shutdown and hydrate equilibrium curves in the presence 

of MEG 
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The initial condition of the interconnection model was summarized in Table 

4-2.  

Table 4-2. Information of field studies 

Variable Value 

The flowrate of produced water (m3/hr) 62 

The total dissolved salt in produced water (g/L) 2.2 

Required rich MEG concentration (wt%) 44 

Injected lean MEG concentration (wt%) 90 

The ratio of salt removal (%) 15, 30 

MEG regeneration concept Conventional slip stream 

 

The slip-stream MEG concept removes the part of salt and re-injected lean 

MEG contains a significant amount of salts. In general, the slip-stream concept 

was used in the low salinity field [9]. The target field was 2.2 g/L of TDS in 

produced water, which could consider as a low salinity field in terms of industry.  

However, the amount of NaCl in lean MEG increased with operation time 

when simulating the continuous operation of MEG injection and regeneration. 

Figure 4-8 shows the NaCl concentration in Lean MEG during operation. 

Although some part of salt is removed through the MEG regeneration process, 

the salts contained in the produced water are also continuously produced, and 

the salt concentration in the solution becomes increased. The NaCl 

concentration in rich MEG solution was increased to 9.8wt% from 2.2wt% and 

that in Lean MEG was increased to 1.5 mol/kg solvent at the 15% of salt 

removal ratio. The maximum soluble amount of NaCl in the 90wt% MEG 
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solution was 1.5 mol/kg solvent. The results indicated that NaCl could start to 

be precipitated in MEG regeneration process or flowline in the subsea after 5.2 

hours of operation. 

The salt removal ratio increased to 30% and the NaCl concentration in lean 

MEG was only increased to 0.92 mol/kg solvent during operation. It resulted in 

no risk of NaCl precipitation in the production system. Changing the salt 

removal ratio from 15% to 30% increases the reclamation unit. CAPEX 

increased from 18.78 MM$ to 18.84 MM$ and OPEX increased from 129.6 

MM$ to 133.35 MM$ as shown in Table 4-3. As the salt removal ratio increases, 

the risk of salt precipitation and scale in pipeline decreases but the economics 

decrease. 

 

Table 4-3. Results for economic assessment depending on salt removal 

ratio 

Salt removal ratio in the slipstream CAPEX (MM$) OPEX (MM$) 

15% 18.78 129.60 

30% 18.84 133.35 
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(a) 

 

(b) 

 

Figure 4-8. NaCl concentration in rich MEG (a) and injected Lean MEG 

solution (b). 
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4.4.2. Proposing a new process of recovery of MEG to deal 

with risk 

4.4.2.1. Conventional slip-stream concept 

From the previous results, even though the amount of salt contained in the 

produced water is low, NaCl concentration in MEG aqueous solution increases 

and the risk of scale generation increases in slip-stream MEG regeneration 

process and injection closed-loop. Besides, when the temperature increased, the 

solubility of high soluble salts such as NaCl and KCl increased. However, 

above 100 oC, the solubility of high soluble salts in MEG solution decreased 

because the water was vaporized off and the concentration of MEG increases.  

As shown in Figure 3-1, the solubility of NaCl decreases rapidly with the 

increase of MEG concentration. If the rich MEG condition was 50wt% MEG 

solution, NaCl solubility was 4.3 mol/kg solvent at 50 oC. In the MEG 

regeneration process, the re-boiler of the distillation column before reclamation 

was the part with the highest temperature because it distilled a large amount of 

water to increase the MEG concentration. At that moment, the target MEG 

purity was 90 wt% MEG solution and the maximum soluble amount of NaCl 

decreased below 1.5 mol/kg solvent. For example, it was assumed that the rich 

MEG solution (50 wt% MEG) was the 4.3 mol/kg solvent amount of NaCl, 

which was maximum soluble amount of 50 wt% MEG solution. This solution 

was distilled up to 90 wt% MEG solution and changed into salt super-saturation. 

It may induce the high soluble salts to precipitate in re-boiler. Therefore, it was 

essential to design the distillation column considering both high-soluble salt 
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precipitation and the objective MEG purity of the bottom stream.  

 

4.4.2.2. Proposed slip-stream concept 

This work suggests the modified concept, which distillates water from MEG 

solution through two-stage process, as shown in Figure 4-9 to prevent the 

precipitation of monovalent salts in the bottom of the distillation column and 

the MEG injection pipeline due to the increase of salt concentration. In 

modified concept, the first distillation column (C201, C202) operated below 

140 oC to make the below 90wt% MEG solution. That operating condition 

prevented the risk of MEG degradation and high soluble salts precipitation in 

re-boiler of column. Some stream of MEG solution went through flash drum 

(V202) to remove high soluble salts. After reclamation process, the second 

distillation column (C203) separated remaining water to make the target lean 

MEG solution under vacuum condition.  
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Figure 4-9. Proposed slip-stream concept of MEG regeneration 
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The method of minimization of total annual cost (TAC) was used to 

determine the feasible operating condition of the proposed concept [117]. The 

total annual cost (TAC) was calculated considering expenditures and operating 

costs (CAPEX and OPEX). Optimal operating conditions of proposed concept 

could be to determine the MEG recovery concentration of 1st distillation column 

(C201, C202) and 2nd distillation column (C203). For example, if the MEG 

recovery concentration was too low of 1st distillation column, a lot of amount 

of stream went into reclamation unit and led for high energy consumption to 

remove salts from MEG solution. If the MEG recovery concentration was too 

high of 1st distillation column, some of stream went into reclamation unit, but 

this case required a lot of energy to boil water in 1st distillation column and had 

risk to precipitate of salts as like conventional concept. Therefore, several case 

studies were required to set general and reliable operating conditions of 1st and 

2nd distillation columns.  

Figure 4-10 shows how the total annual cost is distributed for each case study. 

The case, which was 73 wt% of C201, 202 and 97wt% of C203, showed the 

minimum total annual cost through case studies. In this case, 73 wt% MEG 

concentration was recovered through 1st distillation column (C201, C202), and 

77.5% of these solutions went into reclamation flash drum (V202) and 2nd 

distillation column (C203) under vacuum condition, which was generally 

assumed to 0.15 bar. In 2nd column, this solution distillate up to 97wt% MEG 

recovery solution and mixed with residual 12.5% of 73 wt% MEG solution to 

make final lean MEG concentration of 90wt%. 
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Figure 4-10. Total annual cost case studies for determining optimal 

operating conditions 

  

5.6

5.7

5.8

5.9

6.0

6.1

60

65

70

75

80

90
91

92
93

94
95

96
97

T
o

ta
l 
A

n
n

u
a
l 
C

o
s
t 

(T
A

C
, 
M

M
$
)

M
E
G

 w
t%

 o
f 
C

20
1,

 C
20

2

MEG wt% of C203

5.7 

5.8 

5.9 

6.0 

6.1 

6.1 

Minimum value



99 

4.4.2.3. NaCl precipitation in MEG regeneration unit 

The feasibility of the proposed concept is evaluated through process 

simulations in terms of precipitation in the MEG regeneration and injection unit. 

Previous studies have found that lean MEG recovered through the slip-stream 

concept contains high concentration of salts in aqueous solutions through the 

operation. It can cause precipitation of salt in the MEG regeneration process. 

To see the salt precipitation quantitively, we assumed salt as NaCl and 

conducted case studies for increasing NaCl concentrations from 0 to 20 wt% in 

aqueous solution to observe the deposition of NaCl in column as shown in 

Figure 4-11. In conventional concept, there was high risk of precipitation of 

NaCl above salinity of 8wt% of wet basis. In the proposed concept, no 

deposition by monovalent salt occurred up to 10 wt% of a wet basis. In case the 

NaCl concentration in lean or rich MEG was increased to 8wt% in aqueous 

solution through repeated regeneration and injection process, it was high risk 

of the scale in column and injection pipeline in the conventional method. If the 

operation may be shut down due to precipitation of re-boiler in column, the 

economic loss could occur for discontinuing injection of MEG on gas and oil 

production. Proposed concept regenerated lean MEG solution through two-

stage distillation. The two-stage distillation method could prevent the shutdown 

and minimize the performance and efficiency drop due to salt precipitation of 

equipment and pipeline under high concentration of NaCl. 
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Figure 4-11. The amount of NaCl precipitated in the distillation column 

depending on NaCl concentration in aqueous solution. 
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4.4.2.4. Economic assessment 

The proposed concept added one more distillation column after the 

reclamation vessel. Therefore, the cost estimation was needed to certify the cost 

efficiency between conventional and proposed concepts. The economic 

assessment was conducted where NaCl concentration has the maximum soluble 

amount in solution. The salt removal ratio of conventional concept was 

assumed as 30%, which prevents the precipitation of monovalent salt in process 

through integration model. Assumed information for economic assessment was 

assumed, as discussed in chapter 4.3. 

Results for sizing and price of main equipment are shown in Table 4-4. 

CAPEX of conventional and proposed concept was calculated using results of 

purchased equipment price in Table 4-4. Figure 4-12 shows which equipment 

unit has the most significant effect on the total equipment cost. The distillation 

column and storage tanks account for the majority of equipment costs in both 

concepts. In the case of the 1st column, reboiler and tower prices accounted for 

most of the device purchase ratio compared to condenser and reflux pump. The 

operation temperature and size of the distillation column have a significant 

influence on the purchase cost of the equipment. In the case of the conventional 

concept, the size of the distillation column was 1.7 times larger than that of the 

first distillation column in the proposed concept. The requirement for a large 

flow rate column in the conventional case led to the large size of the distillation 

column, resulting in higher CAPEX. Although the second column was added 

in the proposed concept, the total costs of all distillation columns in the 
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conventional concept were 1.96 times higher than those for the modified one. 

Through the economic assessment, the CAPEX is 18.84 MM$ for the 

conventional concept and 15.17 MM$ for the proposed concept. The proposed 

process reduced the 18.5 % of CAPEX compare to the conventional concept. 

 

Table 4-4. Equipment sizes and equipment costs  

Type Name  
Conventional 

concept 

Proposed 

concept 

Vessel Pre-treatment Equipment Cost, $ⅹ10-3 64.0 64.0 

  Size, D * L, m 1.98*6.10 1.98*6.10 

 Reclamation Equipment Cost, $ⅹ10-3 43.0 208.3 

  Size, D * L, m 1.21*3.65 4.26*3.65 

Column 
1st 

distillation 
Equipment Cost, $ⅹ10-3 1175.5*2 599.2*2 

  Size, D * L, m 5.64*7.92 4.57*7.01 

 
2nd 

distillation 
Equipment Cost, $ⅹ10-3  308.0 

  Size, D * L, m  4.4*6.10 

Heat 

exchangers 
 Equipment Cost, $ⅹ10-3 78.8 44.6 

pumps  Equipment Cost, $ⅹ10-3 67.1 67.2 

Othersa  Equipment Cost, $ⅹ10-3 25.0 24.4 

Tank 

Rich MEG 

storage 

Equipment Cost, $ⅹ10-3 326.3*2 

Size, D * L, m 15.63*7.82 (per 1 tank) 

Lean MEG 

storage 
Equipment Cost, $ⅹ10-3 205.4*2 

 Size, D * L, m 12.68*6.34 (per 1 tank) 

a including centrifuge, filter, vacuum system 
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Figure 4-12. Ratio of purchased equipment unit in Conventional 

concept (a) and Proposed concept (b). 
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Table 4-5. Total operating cost (OPEX)  

Cost (MM$) Conventional concept Proposed concept 

Initial Raw material cost 0.65 0.65 

Direct operating cost   

Utility costs (C_WT)   

electricity 0.54 0.62 

Cooling water 14.20 15.38 

LP stream 50.32 37.88 

Operating labor (C_OL) 6.16 6.16 

Maintenance and repair (C_MT) 8.22 6.61 

Service, supplies and charges 1.23 0.99 

Laboratory charges 0.92 0.92 

Patents and royalties 3.98 3.34 

Indirect operating cost   

Depreciation 13.69 11.02 

Local tax and Insurance 2.74 2.20 

Plant overhead 8.63 7.67 

General expenses   

Selling costs 13.27 11.15 

General & administrative costs 2.16 1.92 

Research and development 6.63 5.57 

OPEX (MM$) 133.35 112.11 

 

Table 4-5 summarizes the total manufacturing cost during the overall lifetime 

(15yr). Raw material costs Initial raw costs was the initial amount of MEG to 

start the production system. We assumed that the initial purchased MEG was 

based on an amount that could work 12 hours of 60649 kg/hr (based on the flow 

rate of 90wt% LEAN MEG solution). This work didn’t consider the costs for 

additional required MEG were related to recovery MEG due to loss of MEG 
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during process. In case of utilities, the steam and cooling water were significant 

factors. Conventional concept separated more water at once in columns 

compare to proposed concept. These required more energy for heating and 

cooling. Therefore, the overall operating cost during lifetime of conventional 

concept was 15.9 % higher than that of proposed concept. As shown in Figure 

4-13, the results suggested that proposed concept has economic and less risk of 

precipitation than conventional concept. 

 

 

Figure 4-13. CAPEX and OPEX for Conventional concept and Proposed 

concept. 
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4.4.3. Proposing a new strategy considering under-inhibition 

We investigated the synergistic inhibition effect with MEG and NaCl for 

hydrate formation in Chapter 2. The target field required the 44 wt% of MEG 

concentration to prevent hydrate formation entirely without considering NaCl 

effect. However, in the previous section, we investigated the concentration of 

NaCl in the pipeline could be increased by continuous MEG injection and 

regeneration with the perspective of the subsea and topside interconnection 

model. 

In this section, we investigated the change of NaCl concentration in the 

aqueous MEG solution by using the interconnection method with full and 

under-inhibited MEG solution for conventional and proposed MEG 

regeneration process as shown in Table 4-6. Figure 4-14 showed the NaCl 

concentration in Lean MEG, depending on each concept. The concentration of 

NaCl in lean MEG is slightly increased even after continuous MEG 

regeneration of proposed concept and injection because the salt removal ratio 

of the proposed concept is 77.5%, which is higher than that of conventional 

concept.  

The total flow rate of injected lean MEG decreased in the case of under-

inhibition and the NaCl concentration in the production pipeline increased. The 

NaCl concentration in Lean MEG reached 1.4 mol/kg solvent at the end of the 

operation, which is slightly below than maximum allowable soluble amount of 

1.5 mol/kg solvent. At that time, the NaCl concentration based on a wet 

condition is 3.1 wt%. As shown in Figure 2-8 in Chapter 2.4.2., the relative 
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torque was kept constant during hydrate formation in 20wt% MEG and 3.5wt% 

NaCl solution. It means that some amount of NaCl over 3wt% could reduce the 

required MEG concentration from 44wt% (full-inhibition) to 20wt% (under-

inhibition) to manage hydrate risk efficiently in the offshore production 

pipeline.  

These results suggested that even though the NaCl concentration in produced 

water is low, NaCl concentration in pipeline increased through continuous 

MEG regeneration and injection and 20wt% MEG concentration in the pipeline 

is sufficient to control hydrate risk. To explore the benefits of under-inhibition 

quantitatively, we evaluated the economic feasibility of the proposed MEG 

regeneration process and under-inhibited MEG injection in followed part.  

 

Table 4-6. Description of each strategy 

Case 
Rich MEG 

(MEG wt%) 

Hydrate 

management 

concept 

MEG 

regeneration 

concept 

Salt removal 

ratio (%) 

Case 1 45 Full-inhibition Conventional 30 

Case 2 45 Full-inhibition Proposed 77.5 

Case 3 20 Under-inhibition Proposed 77.5 
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Figure 4-14. NaCl concentration in Lean MEG depending on each 

strategy 
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Figure 4-15 shows the cost of the main equipment, depending on each 

strategy. The storage tank includes both rich and lean MEG solutions. For the 

proposed concept, the under-inhibition concept significantly decreased the size 

of equipment for storage tank, vessel and distillation column compare to the 

full-inhibition concept. The injection amount of MEG in the subsea pipeline at 

the under-inhibition concept led to decrease the capacity of MEG regeneration 

process on topside platform. Therefore, CAPEX of under-inhibition reduced to 

29.0 % compared to that of full-inhibition at proposed MEG regeneration 

method. 

 

Figure 4-15. Purchased equipment cost depending on each strategy 
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Figure 4-16. Operating cost per year of main part depending on each 

strategy 

 

Figure 4-16 shows the cost of utilities (e.g., electricity, cooling water, and 

LP steam), which account for 48% of OPEX. The cost of maintenance and 

repair is also a significant portion of OPEX. Table 4-7 shows the detailed values 

for each OPEX item, including the utility and maintenance and repair. 
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Table 4-7. Total operating cost (OPEX) for under-inhibition with 

proposed MEG regeneration concept  

Variable Cost (MM$) 

Initial Raw material cost 0.20  

Direct operating cost  

Utility costs (C_WT)  

electricity 0.47 

Cooling water 13.38 

LP stream 37.69 

Operating labor (C_OL) 6.16 

Maintenance and repair (C_MT) 4.70 

Service, supplies and charges 0.70 

Laboratory charges 0.92 

Patents and royalties 2.98 

Indirect operating cost  

Depreciation 7.83 

Local tax and Insurance 1.57 

Plant overhead 6.52 

General expenses  

Selling costs 9.95 

General & administrative costs 1.63 

Research and development 4.97 

OPEX (MM$) 99.67 
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Although we need to regenerate the rich MEG solutions with relatively low 

concentrations for the under-inhibition strategy, the absolute amount of water 

distillated in 1st column is similar for full inhibition, resulting in similar utility 

cost for the distillation column in full inhibition than in under inhibition at the 

proposed concept (Table 4-8). The conventional concept distilled water under 

1.5 bar at distillation column at a once. So, the conventional concept shows the 

highest utility cost for LP steam. Under inhibition strategy reduced the 

maintenance and repair cost because CAPEX of under inhibition was lower 

than that of full inhibition. Overall OPEX was calculated to be 133.35 MMUSD 

for full inhibition with conventional MEG regeneration unit and 112.11 and 

99.67 MMUSD for full and under-inhibition with proposed MEG regeneration 

unit. As with CAPEX, the under-inhibition strategy can reduce OPEX among 

other strategies.  

 

Table 4-8. Results for process simulations 

  Full 

inhibition 

Under 

inhibition 

Rich MEG concentration (wt%)  45 20 

Rich MEG flowrate (kg/hr) 
water 67925 63807 

MEG 54441 16262 

Lean MEG flowrate (kg/hr) 
water 5783 1704 

MEG 54226 16194 

Removed water (kg/hr)  62142 62103 
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OREDA only provides extensive experience data on offshore operations. The 

failure rate for flowline plugging is included, but the exact cause of the 

blockage is not discussed in detail. The under-inhibition strategies for hydrate 

management have been extensively studied on the laboratory scale but only 

applied in a few real fields. Therefore, it could not quantify the probability of 

flowline plugging due to under-inhibition from OREDA. This work assumed 

that the flowline plugging could occur only with hydrate formation and the 

failure rate depends on each hydrate management concept. The mean value of 

failure rate in OREDA was used for the full-inhibition of preventing hydrate 

and the maximum value was used for under-inhibition of hydrate management.  

Table 4-9 listed the data on the failure rate, repair time and risk expenditures 

for each hydrate management concept. As the under-inhibition concept 

increased the failure rate over a lifetime, the risk expenditure of under-

inhibition was 5.3 times higher than that of full-inhibition. 
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Table 4-9. Risk expenditures due to subsea flowline plugged and choked 

Frequency Mean Max. 

Hydrate management concept 
Full-

inhibition 

Under-

inhibition 

Failure rate, per 106 hr [118] 0.23 1.23 

Active repair time (hr) [118] 51 51 

Failure rate during lifetime 0.03 0.16 

Cost during 

lifetime 

(MM$) 

Riser bull-heading [119] 0.04 0.21 

Blowdown [119] 0.16 0.84 

Production loss 0.33 1.76 

Total (Risk expenditures) 0.53 2.81 
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 Figure 4-17 shows the LCC combined with CAPEX, OPEX and Risk EX. 

OPEX occupies a more significant proportion of LCC. Risk EX only accounts 

for less than 2.5% of LCC. At full inhibition, the proposed concept reduced the 

LCC by 16.3% compared to the conventional concept. At the proposed concept, 

the LCC of under-inhibition was 11.4% lower than that of full-inhibition. The 

LCC of case 3 has decreased by 25.8% compared with case 1. Even considering 

Risk EX due to under-inhibition, the under-inhibition and proposed MEG 

regeneration concept suggested in this paper is more economical than practical 

philosophy for full inhibition and conventional MEG regeneration concept. 

 

 

Figure 4-17. LCC including CAPEX, OPEX, and Risk EX for 15 years 
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4.5. Summary 

In this chapter, the interconnection model has been developed. The MEG 

closed-loop, including the MEG injection in the subsea pipeline and 

regeneration in the topside platform, was demonstrated with the subsea-topside 

interconnection method. The methodology to evaluate hydrate risk 

management effectively was suggested through the case studies of real field. 

The slip-stream concept for recovering MEG led to an increase in the NaCl 

concentration in rich MEG through continuous MEG injection and regeneration. 

Increasing the concentration of NaCl had a risk of precipitation in the pipeline 

and regeneration process. 

This study proposed a two-stage distillation process and evaluated the 

economics compared to the conventional slipstream concept to prevent the 

precipitation of NaCl. In connection with the experimental results of reducing 

hydrate plugging risk in MEG and NaCl solution, the feasibility of the under-

inhibition concept was suggested and economic evaluation was performed with 

the proposed MEG regeneration concept and under-inhibited MEG injection 

condition. The proposed MEG regeneration concept and under-inhibited MEG 

injection condition improved economics, which shows a reduction of 25.8% of 

LCC compared to conventional strategy. 
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Chapter 5. Concluding Remarks 

5.1. Conclusions 

The main objective of this dissertation was to develop an effective strategy 

for managing hydrate and the process design for the recovery of the 

monoethylene glycol by considering the continuous MEG injection and 

regeneration using an interconnection model. The results were validated with 

the data from a pilot plant including parameter tuning.  

Hydrate formation kinetics in the autoclaves are dominated by autoclave’s 

geometry and experimental conditions. Most of the published literature 

investigated probabilistically hydrate formation characteristics through 

autoclave experiments. In this paper, the hydrate formation and viscosity model 

utilized in the general pipeline were used to predict and compare the 

experimental data quantitatively. The hydrate formation characteristics in the 

gas-dominated system, including subcooling temperature, hydrate fraction, and 

torque changes were investigated during hydrate formation. The addition of 

NaCl in MEG aqueous solution decreases the initial growth rate and the hydrate 

volume fraction significantly. By increasing NaCl concentration from 0 wt% to 

3.5 wt% in 20.0 wt% MEG solution, final hydrate fraction was decreased to 

17.8 vol% from 82.7 vol% of pure water. The predicted and measured the 

hydrate fraction was in good agreement within 2.1% under MEG, water, and 

NaCl system. Relative torque increased monotonically with the formation of 

hydrate for pure water and stopped at 45 vol% of hydrate fraction due to high 
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resistance-to-flow. The addition of NaCl decreased the cohesion force between 

hydrate particles, which resulted in decreasing the relative torque compared to 

pure water. The predicted relative viscosity using measured cohesion force 

from the literature shows a similar tendency with measured relative torque in 

the autoclave in pure water and 3.5wt% NaCl solution. Interestingly, the 

addition of over 3.5 wt% NaCl to 20.0 wt% MEG solution shows a negligible 

torque increase. The presence of NaCl and MEG in aqueous phase seems to 

minimize the interaction between hydrate particles by surrounding the hydrate 

particle with NaCl and MEG. These results proved that the NaCl play a role of 

synergist for MEG in under-inhibition condition by further limiting the hydrate 

fraction and minimizing the resistance-to-flow. 

The goal of the MEG regeneration process is to recovery MEG from the 

mixed solution of MEG, water, and salt because salts can cause problems 

during the regeneration process and re-injection operations. This study 

investigated the physical properties and developed the thermodynamic model 

to obtain the design of a proper MEG regeneration system. Changes in MEG 

concentrations in aqueous solutions resulted in more significant effects on 

changes in solubility of NaCl and KCl than changes in temperature. The pair 

parameters of the Electrolyte NRTL-RK model (ENRTL-RK) were calibrated 

using the experimental data. The pilot plant experiment was carried out with a 

capacity of 200 kg/hr of feed flow rate and verified with the developed 

thermodynamic model for high salt concentrations. The static inclination on the 

column was investigated to reflect the separation efficiency of distillation in 

offshore system. The separation efficiency was reduced by increasing the 
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degree of inclination.  

A method was introduced to implement an optimization for MEG 

regeneration and injection with a closed-MEG loop using the data 

interconnection between subsea and topside process simulation. The part of 

interconnection model was developed as OPC technology. Through the case 

studies with the data interconnection model, the conventional MEG 

regeneration concept could precipitate the NaCl and cause the thermal 

degradation of MEG in the distillation column. The modified MEG 

regeneration concept with 2-stage of distillation was proposed. The proposed 

concept did not cause the scale problem under a high concentration of NaCl and 

was economical. The most effective method was the combination of the 

proposed MEG regeneration and under-inhibited injection process. The 

improved process decreased by 42.8% in CAPEX and 25.3% in OPEX 

compared to the combination of the conventional MEG regeneration and full-

inhibited injection. 
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5.2. Future works 

The hydrate management strategy is one of the critical issues in offshore 

production system. This paper tried to analyze hydrate risk quantitatively 

through the autoclave experiments using theoretical formulas. Hydrate 

formation rate in the autoclave decreased as the water changed to hydrate in 

closed system. However, the hydrates are formed by continuous fluid in 

pipeline. Therefore, further studies need to demonstrate continuous hydrate 

formation and bedding using flow loop or batch reactors. In addition, the 

apparent viscosity of the hydrate must be investigated to know the viscosity and 

fluid resistance to flow for the hydrate slurry. The relative viscosity is highly 

influenced by the cohesion force between hydrate particles. It is also 

recommended to investigate the cohesion force between gas hydrates under 

hydrate inhibitors. 

The recovery of mono ethylene glycol is an essential process in offshore 

production. Offshore condition is moving continuously, and six-way motion is 

considered as a continuous-wave function to simulate the topside process. This 

work has a limitation because the separation efficiency of distillation column 

was investigated for a static inclination under only one-direction. Therefore, we 

suggest the future work to analyze the liquid malfunction, pressure drop inside 

the distillation column in continuous sloshing situations, and to do a numerical 

simulation of the effect of sloshing on performance of distillation.  
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Abstract in Korean (국문초록) 

본 연구는 해양의 천연 가스 생산 시스템에서 생산수에 포함된 

다량의 염분이 하이드레이트에 미치는 영향을 이해하고, 대표적인 

하이드레이트 저해제인 모노에틸렌글리콜 (MEG) 재생 및 주입 

폐회로에 대한 통합론적인 연구를 통해 효율적인 하이드레이트 

저해 방법론을 제시한다.  

전세계적으로 광범위하게 심해저에서 가스 및 오일을 

생산하기위해서는, 저온의 해양 환경 조건에서 고압의 파이프라인 

내 탄소화합물을 플랫폼까지 안전하게 이송할 수 있는 생산 

시스템을 설계해야 한다. 대표적인 유동 안정성 관련 문제로는 

파이프라인 내 하이드레이트 생성에 의한 배관 막힘이 있다. 이러한 

현상을 방지하기 위하여 과량의 열역학적 저해제를 주입한다.  

본 연구는 대표적인 열역학적 저해제인 MEG의 주입량을 줄이기 

위해 생산수에 포함된 다량의 염분과의 상조 저해 효과를 통해 

MEG 주입량을 줄일 수 있는 방법론을 제시한다. 이론적인 

하이드레이트 형성식 및 상대 점도 도출 식을 이용하여 반응기 내 

하이드레이트 형성 및 유성학적 특성을 정량적으로 분석한다. 

해양 플랫폼으로 유입되는 흐름은 MEG 재생 공정을 통해 다시 

해저로 주입된다. 본 연구에서는 NaCl이 포함된 MEG 수용액의 

열역학적 물성치를 측정하고 Electrolyte NRTL-RK (ENRTL-RK) 

모델의 파라미터 튜닝을 통하여 고농도의 MEG로 회수가능한 부분 
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처리 방식의 MEG 재생 공정을 모사한다. 모사 결과는 천안 

공주대학교에서 운전중인 파일럿 플랜트의 운전 결과와 비교 및 

검증된다.  

본 연구를 통해 개발한 해저-해상 통합 모델을 이용하여, 해상 

플랫폼에서 회수된 MEG가 다시 해저 생산 파이프라인 내 주입되는 

폐회로를 고려하여 하이드레이트로 인한 유동 안정성를 위한 MEG 

주입 및 재생 전략을 제시한다. 구체적으로 시뮬레이션과 실험 

데이터를 이용하여 확립한 모델은 실제 운전 중인 해양 가스전 

생산 시스템에 적용된다. 상호 연계론적인 분석을 통해, 부분 처리 

방식 (Slip-stream)의 MEG 재생 공정 방식은 시간에 따라 MEG 회수 

및 주입 폐회로에서 파이프라인 내 수용액 속 NaCl 농도가 

증가함을 발견한다. 증가된 NaCl은 파이프라인 또는 MEG 재생 

공정 내 침적이 되고 해양 가스전 운영을 중지시킬 위험이 있다. 본 

연구는 고농도의 NaCl을 포함하는 MEG 수용액에서도 고농도의 

MEG로 회수 가능한 2단계 증류 공정을 제안하고, 이로 인한 최적 

운전조건을 탐색한다. 개선된 공정은 기존 공정대비 42.8% 감소된 

CAPEX 및 25.3% 감소된 OPEX를 보인다.  

 

주요어 : 가스 하이드레이트, 유동안정성, 모노에틸렌글리콜, 공정 

설계, 상호 연계 

학번 : 2016-30255 
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